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Resumo

Nesta tese abordou-se a operacdo de um sistema reacional multifasico utilizado
para a producéo industrial de anilina, onde a hidrogenacao do nitrobenzeno em fase liquida
ocorre usando um catalisador de niquel suportado em silica. Foi desenvolvido um modelo
matematico para o reator industrial, tendo sido testado numa gama representativa de
condicbes operatdrias. Atendendo a analise dos dados industriais, foi possivel confirmar
que a velocidade da reacdo é controlada pela transferéncia de massa de nitrobenzeno.
Posto isto, aponta-se que a produtividade do sistema dependa da estabilidade da
suspensdo de catalisador, de forma a promover a transferéncia de massa na mistura

reacional.

Dado que a politica de adicdo de catalisador fresco ao sistema pode afetar
significativamente o desempenho da unidade, realizou-se um estudo de caracterizacéo do
catalisador através de recolha de amostras no sistema industrial. Este estudo visou a
avaliacdo das eventuais alteracdes fisico-quimicas deste material ao longo do tempo. Os
resultados da caracterizacéo indicaram, em geral, que o catalisador tende a perder o seu
suporte de silica, possivelmente devido ao efeito abrasivo induzido pela agita¢éo do reator.
Em paralelo, verificou-se que o catalisador usado apresenta uma fracdo significativa de
niquel cristalino, quando comparado com os catalisadores frescos. Este resultado motivou
a caracterizacdo magnética deste material, tendo-se confirmado que o catalisador tende a

aumentar a sua resisténcia & desmagnetizacao (coercividade).

Adicionalmente, procedeu-se ao acompanhamento da operagdo do reator
industrial, onde se realizaram varias medi¢Ges de concentragdo de catalisador no mesmo
periodo de observagcdo. Durante este periodo, registaram-se varios eventos onde a
concentracdo de catalisador diminuiu de forma significativa, independentemente da
quantidade de catalisador fresco adicionada ao sistema. Este comportamento foi avaliado
através de vérios testes industriais que indicaram que a deposi¢do/acumulagcdo de
catalisador no interior do reator seria a causa mais plausivel para explicar este fenomeno.
Esta hip6tese foi também sustentada pela reducdo do desempenho dos dispositivos de
transferéncia de calor observada no mesmo periodo. Posteriormente, a existéncia de
depositos de catalisador foi confirmada durante um procedimento de manutencéo do reator
industrial. Assim, recomenda-se que o coeficiente global de transferéncia de calor do
sistema seja monitorizado, visando o planeamento de paragens do sistema e de limpeza

do equipamento.
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A caracterizacdo magnética dos catalisadores frescos também evidenciou que
estes apresentavam distintos valores de coercividade. Tendo em conta as implicagcbes
relativas a deposicao de catalisador no sistema, prop6s-se a adicdo de catalisador fresco
de menor coercividade no reator industrial. Apos a limpeza do sistema, o reator foi apenas
alimentado com catalisador fresco de baixa coercividade, tendo-se verificado que a
concentracdo de catalisador em suspensao aumentou. Esta observacdo sugere que a
adicdo de catalisador fresco com uma dada coercividade pode ser bastante eficaz no
controlo da concentracao de catalisador. Uma vez que a politica de adicdo de catalisador
fresco pode afetar significativamente o desempenho do sistema, desenvolveu-se uma
ferramenta de monitorizacdo com base nos resultados validados pelo modelo. Deste modo,
o efeito da adicdo de catalisador na previsdo da conversdo de nitrobenzeno pode ser
considerado de uma forma mais precisa. Além disso, desenvolveu-se uma nova estratégia
de controlo do reator que visa o controlo do tempo de reteng&o hidraulico do reator. Esta
abordagem contrasta com a atual estrutura de controlo aplicada a alimentag&o do reator,
onde o valor de referéncia da corrente de anilina reciclada por intermédio de um racio
preestabelecido em fungédo do caudal de entrada de nitrobenzeno. Em resultado desta
alteracdo, a conversdo do nitrobenzeno melhorou, tendo-se mantido estavel

posteriormente.

Por fim, propds-se um procedimento de monitorizagdo e controlo do reator
industrial, considerando as melhorias efetuadas ao longo deste trabalho. Este
procedimento envolve o controlo estatistico do reator com base no modelo do processo
desenvolvido. Caso o estado do processo se encontre fora dos limites de controlo
estatistico ou se prevejam elevadas concentragbes de nitrobenzeno no vaso reacional,
sugere-se, como medida corretiva, o ajuste do tempo de retencdo hidraulico do reator.
Caso esta solugéo seja ineficaz, sugere-se a avaliacdo da concentragdo de catalisador no
reator - se esta for elevada, recomenda-se a adi¢cdo de catalisador fresco para promover a
transferéncia de massa de nitrobenzeno, caso contrério, aconselha-se a avaliagdo do
estado da transferéncia de calor do reator. Uma vez confirmado o bom desempenho dos
dispositivos de permuta de calor, a adicdo de catalisador fresco deve ser assegurada para
manter a concentracdo de catalisador dentro da gama de operacéo e, por conseguinte, a
transferéncia de massa de nitrobenzeno; caso contrario, a deposi¢do de catalisador no
sistema é identificada como ocorrendo, sugerindo o planeamento da paragem do sistema

para acdes de limpeza numa escala significativa.
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A aplicacdo da modelagdo matemética no presente trabalho, permitiu o
desenvolvimento de uma abordagem sistémica de conducao da operagao industrial. Deste
modo, foi possivel estruturar uma nova ferramenta de monitorizagédo e de diagnéstico que
pode ser continuamente atualizada através da incorporacao de novos dados operatorios.
Desta forma, o processo industrial podera tornar-se mais robusto, estando em melhores

condicbes para operar dentro de limites operatdrios que maximizem a sua produtividade.

PALAVRAS-CHAVE: Reator multifasico, catalisador, monitorizacdo do processo
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Abstract

This thesis addresses the operation of a multi-phase reaction system applied to the
industrial production of aniline, where the liquid-phase hydrogenation of nitrobenzene
occurs using a nickel supported on silica catalyst. A mathematical model of the industrial
reactor is here developed and tested under a representative range of operating conditions.
Through the analysis of industrial data gathered, it was possible to confirm that the reaction
rate is limited by the mass transfer of nitrobenzene. Consequently, maintaining a stable
catalyst concentration in the suspension is important to guarantee the regular operation of

the unit.

Since the catalyst addition policy can significantly influence the behaviour of the unit,
a detailed characterisation of the catalyst was considered. This study addressed the
physico-chemical changes of this material with time. The characterisation results indicate
that the catalyst tends to lose its silica support, possibly due to the abrasive effect induced
by the reactor agitation. In parallel, a higher fraction of crystalline nickel in the used catalyst
samples was verified, in comparison with the fresh catalysts. This result motivated the
magnetic characterisation of this material, where the increasing resistance to
demagnetisation (coercivity) of the catalyst was confirmed. Additionally, the process
operation was followed, where several measurements of catalyst concentration were
performed during an extended period. Various events were detected where the
concentration of catalyst suffered significant decreases, irrespective of the quantity of fresh
catalyst added to the system. This behaviour was evaluated through several industrial trials
that indicated that the catalyst accumulation/deposition in the internals of the reactor was
appeared as the most plausible cause to explain this phenomenon. This hypothesis was
further sustained by observing that the performance of the heat exchanging devices also
decayed in the same period. Later, the existence of catalyst deposits was confirmed during
a maintenance procedure performed to the industrial unit. Because of this, the monitoring
of the overall heat transfer coefficient is recommended to plan future shutdowns and

cleaning of the equipment.

The magnetic characterisation also evidenced that the fresh catalysts depicted
distinct coercivity values. Considering the underlying implications related to the catalyst
deposition in the industrial reactor, the addition of a low-coercivity catalyst to the system
was proposed; after cleaning the system, this was attempted, noticing that the catalyst

concentration had increased afterwards. This observation indicates that the catalyst
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addition could be significantly effective on controlling the catalyst concentration. Since the
catalyst addition policy can significantly influence the performance of the system, a process
monitoring tool was developed based on the validated model results. This allows the effects
of catalyst additions to be considered in a more precise form. In addition to this, a new
control strategy of the reactor was developed, where the control of the hydraulic retention
time of the reactor was considered. This approach contrasts the current control strategy
applied to the reactor feed, where the reference value of the recycled aniline flowrate is
based on a predefined ratio as function of the nitrobenzene feed flowrate. This modification

led to the improvement of the nitrobenzene conversion afterwards.

Finally, a procedure for process monitoring and control is proposed, considering the
advances made in the present work. This procedure involves the statistical control of the
industrial reactor supported by a process model. If the state of the process is diagnosed to
be near or outside the operational limits, or if high nitrobenzene bulk concentrations are
detected in the reaction mixture, the adjustment of the hydraulic retention time of the
industrial reactor is recommended, as a corrective measure. If the latter solution is not
effective, the catalyst concentration needs to be revaluated — if this value is small and
outside the desired range, a catalyst make-up is advised to promote the mass transfer of
nitrobenzene, otherwise an evaluation of the heat transfer of the reactor is recommended.
Once confirmed the good performance of the heat exchanging devices, the addition of fresh
catalyst should be performed that the desired range of catalyst concentration is maintained
and, in turn, the expected mass transfer and conversion of nitrobenzene; otherwise, the

shutdown of the industrial unit should be timetabled for cleaning procedures.

The application of mathematical modelling in the present work allowed the
development of a systematic approach for the operation of the industrial unit. This enabled
the establishment of a new tool for process monitoring and diagnosis, which can be
continuously updated through the incorporation of updated data. This allows a more robust
operation, guaranteeing that the operating limits can be maintained through longer time

periods, improving the productivity of the unit.

KEYWORDS: Multiphase reactor, catalyst characterisation, catalyst addition,

process monitoring
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Science, my lad, is made up of mistakes, but they are mistakes which it is useful to make,
because they lead little by little to the truth.

Jules Verne (1828-1905)
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1.Introduction

This thesis addresses the operation of a multiphase reaction system applied to the
industrial production of aniline. In the present work, a model of the industrial reactor is
developed, to predict the performance of the system under a broad range of operating
conditions. In addition to this, a characterisation study of the catalyst used in the process
and an analysis of the process operation are presented. This analysis comprises the follow-
up of the catalyst concentration, together with additional key process variables during an
extensive period of observation. Moreover, a framework for process monitoring and control
is proposed, where the establishment of improved practices and conditions for process

diagnosis and maintenance is aimed.

The project motivation is briefly addressed in section 1.1. Next, the historical
background, market outlook, and a survey of aniline manufacturing processes are
presented, respectively, in sections 1.2, 1.3 and 1.4. The main objectives and thesis outline
are considered in section 1.5.

1.1 Motivation

Bondalti Chemicals S.A. represents one of the major producers of organic and
inorganic chemicals in the Portuguese industry. Over the recent years, the company has
invested in various R&D projects which involved laboratorial studies, together with the
execution of industrial trials, and the development of mathematical modelling approaches
aimed to better understand the processes installed. The present investigation aims to follow
these efforts by addressing the industrial production of aniline, where the liquid-phase
catalytic hydrogenation of nitrobenzene is carried. Here, it is intended to exploit a
considerable amount of data from the operation of an industrial reaction unit to validate a
process model. This mathematical framework should be capable of describing the system
performance, providing the means to drive the process towards its operating limits to

maximise its productivity.

Since the catalyst behaviour directly influences the performance of the reaction
system, an assessment of the catalyst management policy should be considered, to clarify
its impact on the performance of the unit. For this purpose, it is convenient to investigate in

detail the various aspects related to the presence of the catalyst in the reactor, the
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modifications in its structure and properties, and its availability to participate in the mass
transfer and reaction phenomena. Such information should also be related to the effects of
other process variables relevant to the operation of the unit, in a complete mathematical
framework. This framework should be able to provide an evaluation of the interactions
between these different factors, and their relative strengths, to allow quantitative predictions
relative to the behaviour of the unit, and hence allowing its operational diagnosis and

optimisation.

1.2 Historical background of aniline production

The beginning of the Modern Age is marked by the dominance of Europe in the
world trade of imported goods. The consequence of such economic prosperity was
obviously the exponential growth of the population, along with the increasing standards of
living. However, this scenario quickly became unsustainable, thus leading to the
development and improvement of anthropogenic solutions on site to satisfy such demand

[1].

An example of such effort was the production of synthetic dyes. One of the foremost
attempts started in the 1800s with the reproduction of the natural anil dye, originally shipped
to Europe from the port of Malacca by the Portuguese back in the 16" century [1]. In 1826,
Unverdorben was the first to obtain the latter substance through the destructive distillation
of indigo which he named crystallin. In 1840, Fritzsche studied the distillation of indigo-
caustic potash mixture. The result was a colourless liquid that quickly also turned blue
coloured when mixed with strong acids; owing to its final appearance and botanical origin,
Fritzsche called this substance anilin. Two years later, Zinin treated benzonitrile with
hydrogen sulphide which resulted in a basic compound that he referred to as benzidam. In
1843, Hoffman confirmed that the latter substances were in fact identical. Hoffman and Zinin
worked together in the development of the first large-scaled process of aniline production,
which consists in reacting benzene with nitric/sulphuric acids followed by a reduction step
with iron fillings and comprising an acidic catalyst [1] — this last step discloses the reduction
of nitrobenzene that was first described by Béchamp in 1854 (which came to be known as
the Béchamp Process) [2]. This chemical route was then upgraded to the industrial scale
by Perkin, in 1856, an assistant to the Hoffman’s group at the Royal College of Chemistry
in London, who developed a synthetic dye that he called mauvedine when oxidising aniline

sulphate with a dichromate solution. This product was known as Purple Aniline. This
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discovery had propelled the dye industry in the ensuing years with the foundation of
Badische Anilin und Soda-Fabrik (BASF) [1].

Later, in 1873, Nicholson improved the industrial scheme for aniline production also
by improving the Béchamp Process. The related process involved the introduction of steam
into the reaction mixture and assembling a hollow stirrer tube. The reduction encompassed

iron fillings and hydrochloric acid thus obtaining aniline production yields up to 90-95% [2].

The rapid breakthroughs achieved in the dye industry by the end of the 19" century
led to the replacement of all the natural dyes. In fact, over 700 aniline-derived dyes have
been developed so far. Notwithstanding its legacy in the industrial production of
dye/pigments, aniline is currently used as an intermediate for major manufacturing sectors

including the pharmaceutical and the petrochemical [1].

1.3 Aniline market outlook

According to Imarc [3], the global aniline market is expected to achieve a yearly
growth of approximately 5.3% between 2018-2023 reaching a volume of 10.1 Mt of

production by 2023. The major drivers of such economic growth include:

1. Increasing demand of methylene diphenyl diisocynate (MDI), an aniline
derivative, used as a raw material in the production of coatings, insulation,

adhesives, sealants, automotive interiors, and consumer goods.

2. An accelerated rate of urbanisation, demanding greater usage of
polyurethanes in the civil construction as a reliable thermic isolation

material.

3. The growing manufacture of pharmaceutic and rubber processing

chemicals.

As reported by Technavio [4], in 2019 almost 80% of the aniline consumed
worldwide was used in the production of MDI. In the same year, about half of the aniline

global consumption will be related to the production of insulation products (Figure 1.1).
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Figure 1.1 - Aniline global market share by application and end-use in 2019 (adapted from [4]).

As stated by IHS Markit [5], the aniline world consumption is foreseen to exhibit an
annual growth rate of 4.9% between 2017-2022. Figure 1.2 outlines the distribution of the
worldwide aniline consumption per region in 2017, presenting China as the main consumer.
In addition, a report [6] confirms that the Asia-Pacific region, in 2017, also appeared as the
top producer and consumer of polyurethane products, representing 45% of the

corresponding global demand.

CIS/Baltic States Middle East India Other
3% 2% 2% 1%

Central Europe
4%

South Korea
6% China

35%

Japan
6%

United States
18% Western
Europe

26%

Figure 1.2 — Aniline global consumption by region (2017) (adapted from [5]).
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As referred by Afshar [7], the global aniline capacity is expected to be almost 10 Mt
in 2019. Figure 1.3 outlines the Asia Pacific and Western Europe regions, in 2013, with the
largest shares of global aniline capacity with 40%, and 29%, respectively. It should be noted
that the top position of the Asia Pacific region in the global aniline capacity has been
influenced by companies like BASF and Jillin Connel, which installed units with annual

capacities of 300 kt and 360 kt, in 2014, respectively.

Relatively to the Western European region (see Figure 1.4), 72% of the aniline
production capacity in 2013 belonged to BASF, Covestro and Huntsman, that together
represented more than 1.2 Mt. In 2013, Bondalti Chemicals, S.A. represented 11% of the

aniline total production capacity in this region and 3% worldwide [7].

Asia/Middle East
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United States
20%

Asia Pacific
40%

Western Europe
29%

Figure 1.3 — Aniline global production capacity by region in 2013 (adapted from [7]).
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Figure 1.4 — Aniline production capacity in Western Europe in 2013 (adapted from [7]).
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1.4 Aniline manufacturing

As mentioned before in section 1.2, the commercial success derived from the
process developed by Perkin around 1860 propelled the industrial golden age of synthetic
dyes, and especially the aniline manufacture, on the century that followed. During the
1970s, the industry had to develop new processes showing new applications in the
pharmaceutical and agrochemical sectors; this evolution, together with the more extensive
use of petrochemical feedstocks, stimulated the expansion of novel manufacturing
technologies, also including the continuous processes for aniline production [8].

Figure 1.5 outlines the major pathways for aniline production currently used in
industry. Discontinuous processes include the nitrobenzene reduction catalysed with
hydrochloric acid and iron turnings. Continuous processes embody the nitrobenzene
hydrogenation and ammonolysis of phenol or chlorobenzene. The latter processes will be
described in more detail in the next sections.

Continuous processes

Nitrobenzene
Hydrogen

. . Hydr nation s
Discontinuous process ETOREEND

Nitrobenzene
Hydrochloric acid Reduction guamrg
Iron turnings

Phenol
Chlorobenzene
Ammonia

Ammonolysis pams

- Main product . Pathway I:] Raw material
Figure 1.5 — Main pathways for aniline production.
1.4.1 Discontinuous processes

As previously said, the first process used for nitrobenzene reduction is known as the
Béchamp Process. Until the 1960s, the production of aniline and other aromatic amines

was almost exclusively derived from this route (Figure 1.6). This reaction is straightforward
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and is generally carried in a batch stirred reactor with hydrochloric acid and iron fillings. It
should be noted that the handling and disposal of the spent iron can bring some difficulties
when the operation is performed at a large scale. Nevertheless, Bayer still applies this
process in West Virginia by using waste iron filings from the automobile industry to produce
iron-oxide pigment [8][9].

NO, NH,
H+
4 + 9Fe 4 4H,0 — » 4 + 3Fe;0,

Figure 1.6 — Nitrobenzene Reduction to Aniline (Béchamp Process) [8].

1.4.2 Continuous processes

The growing demand from the rubber and the polyurethane industries, along with
the manufacturing of other petrochemical-based products, was a major driving force in the

development of large-scale aniline production units that operate continuously.

Nitrobenzene is the main feedstock for aniline industrial production through catalytic

hydrogenation that can be carried either in the gas or liquid phases:

catalyst
+ 3H, + 2H,0

Figure 1.7 — Nitrobenzene hydrogenation to Aniline.

In both cases of nitrobenzene hydrogenation for producing aniline, the reaction is
highly exothermic, thus demanding the removal of considerable amounts of heat. The yield
and product quality obtained in both cases are virtually identical. The gas-phase
hydrogenation of nitrobenzene can be advantageous by providing an effective use of the
reaction heat; however, the liquid-phase alternative has the benefit of presenting a higher

space-time yield, thereby needing a smaller size of the reaction vessel, and smaller energy
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requirements, since it discards the recycle gas loop. On the other hand, the gas-phase
hydrogenation discards the step of catalyst separation from the reaction mixture, and it
ensures a longer catalyst life [10].

Chlorobenzene, phenol, and benzene are alternative feedstocks for aniline
production through amination processes, despite their minor usage.

Gas-phase catalytic hydrogenation of nitrobenzene

The gas-phase hydrogenation of the nitrobenzene can be performed either in fixed-
bed or in fluidised-bed technologies. In late 1950s, American Cyanamid was the first to
develop the continuous mode for aniline production by using a fluidised bed-based
technology known as the Catan Process [11]. A variation is used by BASF [12] where the
hydrogenation is performed under 250-300°C and 4-10 barg with excess of hydrogen,
where a yield of 99% is claimed. The unreacted hydrogen is then compressed downstream
and recycled back to the reaction vessel. Copper or nickel/molybdenum supported on active
alumina are reported as suitable catalysts. The same inventors mentioned a procedure for
catalyst regeneration, comprising a burning off step of the organic material, followed by its
reduction at around 250 to 300°C. The reaction heat is then used to produce steam. Another
BASF patent specifies improvements regarding mass transfer phenomena within the
reaction vessel by presenting a cross-channel packing with gas-permeable cells [13]. Haase
and its co-workers [14] presented an apparatus for carrying out the hydrogenation of
nitroaromatics, equipped with a chromatography recording system to determine the bulk
concentration of nitro and nitroso compounds in the reaction mixture; moreover, the latter
invention also includes a regulator unit for catalyst addition, depending on the online

measurements of the unreacted species.

Covestro presented another example of fluidised-bed technology [15] that can also
be employed for aniline production, where a fraction of the used catalyst is replaced
periodically whenever the catalyst selectivity goes below 99.5%. Table 1.1 outlines an

overview of the process examples mentioned.
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Table 1.1 - Fluidised-bed technology of nitrobenzene hydrogenation in the gas-phase.

. Temperature Pressure
Patent No. Assignee Ref. [°C] [barg] Catalyst
us American .
2891094 Cyanmid Co [11] 250-300 N/A Copper on silica
Copper or
us nickel/molybdenum
3136818 BASF [12] 250-300 4-10 supported on active
alumina
us Nickel supported on silica
2012/021502 BASF [14] 120 25 [ICKel supported '
zirconia, or alumina
9A1
Palladium, platinum,
ruthenium, iron, cobalt, or
US nickel supported on
2010/028027 Covestro [15] 220-280 210 @lumina, silic, titanium
1A1 oxide, iron oxide/alumina
mixture, or copper
oxide/chromium oxide
mixture

Relatively to the use of fixed-bed technology, First Chemical Corporation (since
2002 a subsidiary of DuPont) uses the Lonza Process, where the feed stream, containing
a mixture of hydrogen and vaporised nitrobenzene, passes over a fixed-bed catalyst of
cooper on pumice. A molar ratio of nitrobenzene to hydrogen of 2.5-6.0 to 1.0 and a
conversion to aniline of 96% is claimed [16]. Covestro operates a similar process with a
palladium catalyst on an alumina support, modified with vanadium and lead. The system
operates under adiabatic conditions including the recycle of unreacted hydrogen back to
the reaction vessel [17]. In 1998, Langer and its co-workers [18] highlighted difficulties within
the fixed bed technology related to the dissipation of heat from the reaction caused by a
non-uniform residence time distribution. Moreover, the attrition of the catalyst was also
referred as a drawback. However, the claimed conversion to aniline is 99.8%. Table 1.2
shows examples of fixed-bed technology applied to the industrial production of aniline

through continuous gas-phased hydrogenation of nitrobenzene.
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Table 1.2 — Fixed-bed technology examples of nitrobenzene hydrogenation in the gas-phase.

. Temperature Pressure
Patent No. Assignee Ref. A Catalyst
g [°C] [barg] /
us DuPont [16] 150-300 2-15 Copper supported on pumice
3636152 ppersupp P
US Covestro [17] 250-300 2-50 Palladium supported on alumina
7692042 B2 PP
us Nickel, platinum, or palladium
9533039 g2  Huntsman - [19] 240-280 30-40 supported on alumina

Liquid-phase catalytic hydrogenation of nitrobenzene

The liquid-phase nitrobenzene hydrogenation process, developed by Imperial
Chemical Industries Ltd [20] (today Huntsman), offers higher productivity, along with better
use of the heat produced when compared to the gas-phase hydrogenation processes.
These authors claimed that the activity of the catalyst is promoted when aniline is used as
solvent and “present in preponderating concentration in the solution”. Moreover, they stated
that under these conditions it is possible to operate at or near the boiling point of aniline at
the prevailing pressure thus performing the hydrogenation rapidly and safely, as well as
enhancing the removal of heat produced by the reaction. Nickel on kieselguhr is preferred

as a catalyst.

To reduce the catalyst consumption and the energy usage, DuPont [21] developed
a plug-flow technology where a platinum-palladium catalyst supported on carbon was used.
This catalyst formulation includes iron as a maodifier, in order to provide a longer catalyst
life, high activity and protection against hydrogenation of the aromatic ring. The conversion
of nitrobenzene per pass is practically total. Unreacted hydrogen present in the effluent
stream is vented and the reactor product is treated downstream to remove the water

produced by the reaction followed by a purification step.

In 1997, Nagata and its co-workers [22], in collaboration with Mitsui Toatsu
Chemicals, Inc., developed a slurry-type reactor to perform the nitrobenzene hydrogenation
in the liquid phase. These authors recommend the use of large amounts of a solvent to
facilitate the removal of the reaction heat. The latter implies keeping a low content of nitro-

compounds within the mixture; otherwise, it can severely affect the overall performance by
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promoting the accumulation of heavy by-products that, in turn, could hinder catalyst activity
and lifetime. In this invention, the use of catalyst promoters such as zinc oxide and
carbonate or bicarbonate of an alkali metal are claimed. In addition, these authors referred
to the importance of removing the water produced by the reaction, as it decreases the
catalyst activity and increases the content of by-products. This is accomplished through
evaporation of the reaction product, using the reaction heat as a source of energy.
Afterwards, a fraction of the aniline produced can be recycled to the reaction vessel with
the intention of maintaining the solvent content at a desired content. The latter process uses
a platinum and palladium mixture supported on carbon and the hydrogenation is carried
between 150-250°C and 3-7 barg.

Bondalti also implements a liquid-phase hydrogenation of nitrobenzene for aniline
production. The underlying process uses a stirred slurry reactor that operates at a pressure
between 10 and 60 barg, at a temperature of 90-200°C. In this case, powdered nickel
supported on silica is applied. Conversions of 98-99% are normally achieved [23]. Table 1.3
shows a comparison between the major processes for nitrobenzene hydrogenation in liquid-
phase.

Table 1.3 - Examples of nitrobenzene hydrogenation processes in the liquid-phase.

Patent No Assignee Ref UG F[)o%r? ture PEngg]re Catalyst
sovoos;  Huntsman  [20] 160-175 <10 Eg’gggﬁ‘:ﬁponed on
atsrss  DuPot [ 100-300 21 (o Cupported on carbon
eios s pa asewo a7 Celadumandpetr

Other processes

Besides the nitrobenzene hydrogenation route, aniline can be manufactured through
ammonolysis. In this case, the feedstocks of chlorobenzene, phenol, or benzene are used.
However, the number of related industrial applications of this process route is scarce due
to their high operating costs (high temperature/pressure) and lower yields when compared

to the processes mentioned previously.
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Methods for producing aniline through amination of chlorobenzene are reported in
various patents [24] [25] [26]. Copper-/Zinc-containing catalysts are typically used.
Operating conditions comprise reaction temperatures at around 250-500°C and reaction
pressures at around 30-400 barg.

Alternative production routes for aniline that use phenol as main feedstock are also
patented [27] [28]. The operating conditions used include temperatures ranging between
400-480°C and pressures at around 15-56 barg. Metal oxides supported on alumino-

silicates are preferred.

Direct amination of benzene has also been developed in various patents [29] [30]
[31][32]. However, this route was only tested on a laboratorial scale, thus needing further

investigation on an industrial scenario.

Table 1.4 outlines the main industrial routes for aniline production through amination

processes.
Table 1.4 — Amination industrial process for aniline manufacturing.
. Temp. Pressure
Patent No Assignee Ref Feedstock o Catalyst
J Ko [barg] y
US DOW 24 Chlorobenzene 180-220 N/A Copper
2432552 [24] PP
Copper or zinc
us ExxonMobil catalyst supported
3231616 il Co. [25] Chlorobenzene 300-500 400 on mordenite
(alumino-silicate)
us .
2001284 Raschig AG [26] Chlorobenzene 250-450 30 Cuprous salt
US Metal oxides
4404399 Halcon [27] Phenol 400-480 22-56 supp_orted_ on
alumino-silicates
US Mitsui Sodium and iron
4987260 Petrochemic  [28] Phenol 425 15 oxide s_upported on
al y-alumina

In 2017, a new breakthrough was announced by Covestro with the development of
a new bio-based route for aniline production, thus offering an alternative for the conventional
petroleum based raw materials. Although the latter process was only proven at a laboratorial

scale, Covestro plans to develop an industrial upgrade. This project involves a cooperation
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between Covestro, the University of Stuttgart, the CAT Catalytic Centre (Aachen University)
and Bayer [33].

1.5 Thesis objectives and outline

This Thesis aims to achieve the following goals:

v' To enhance the process understanding by developing a mathematical model
able to predict the reaction conversion within a defined range of operating
conditions. This mathematical framework should be adapted by including
updated process data to ensure the optimisation of the industrial unit towards

new operating conditions that maximises productivity.

v' To characterise the physico-chemical changes that the industrial catalysts
material might exhibit during its usage.

v" To develop a detailed monitorisation tool for the industrial unit, providing the
means to identify the influence of external disturbances on the inherent
variability of the process. This way, the preventive maintenance of the
operation is promoted by providing a set of corrective measures to the

industrial practice.

v" To enhance the steadiness of the reaction conversion through the
improvement of the regulatory control system already installed. The
development of this control layer should promote the reduction of the catalyst
make-ups and of the processing costs related to the purification of the final

product.

Giving these main objectives, Figure 1.8 presents the strategy defined for this
project. Here, a literature review was essential to survey the main features involved in the
modelling of multiphasic reactors. This includes the prediction of the hydrodynamic
parameters, of the mass transfer phenomena, and of the physico-chemical properties

related to the compounds involved. In addition, previous kinetic studies developed at the
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laboratorial scale are addressed, where the predicted reaction and maximal mass transfer
rates are compared; based on this exercise, the expected limitations of the reaction rate at
the industrial scale are also identified. To confirm this, the industrial operation is analysed,
while attending to a specific period where the steadiness of the catalyst concentration and
of the nitrobenzene conversion are verified. By these means, the global reaction rate can

be correlated based on the industrial data gathered.

Once this mathematical framework was obtained, the model validation is provided
considering the deviation between the predicted and measured values of the quality variable
(nitrobenzene bulk concentration) during an extensive observation period performed to the
process operation. To evaluate the influence of the catalyst state on the model predictions,
a characterisation study is performed to describe the possible physico-chemical changes
that this material might undergo during its lifetime in the process. This study gave important
highlights regarding the improvement of the catalyst addition policy, preventing the advent

of operating issues that might compromise the reaction stability.

The validated model results are used to develop a process monitoring tool, based
on the principles of statistical process control. This way, the diagnosis of external
disturbances can be performed, providing the preventive maintenance tool for the catalyst
utilisation. In addition, the reaction steadiness is also addressed through the improvement

of the regulatory control system.

In resume, this project provides a mathematical framework, which can be updated
with future sample data sets to enhance the model predictability towards the reaction
outcome. This way, a process monitoring tool is provided, where its continuous
improvement opens an opportunity for process optimisation by evaluating new operating

conditions that maximises the productivity of the industrial unit.
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Figure 1.8 — Representation of the defined strategy in the present work.

This Thesis is organised as follows. Chapter 2 includes a modelling study of the
industrial reactor. A description of the system studied is presented, together with a survey
of the hydrodynamic parameters, transport parameters useful in the modelling of multiphase
reactors. In addition, the previous laboratorial kinetic studies in this area are addressed,
assuming the limitations that are likely to occur at that scale. Next, a mechanistic model

developed for the industrial unit is presented, where its validation with industrial data is
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discussed. In addition, a sensitivity analysis is also addressed, considering the effect of key

process variables on the reaction conversion.

Chapter 3 presents a characterisation study of the catalyst used in the process.
Here, the physico-chemical differences between fresh and used catalyst samples are
discussed. In addition, a specific blend of fresh catalysts is investigated to improve the

stability of catalyst concentration in the reaction vessel.

Chapter 4 presents the analysis of the operation of the industrial reactor. This
includes the realisation of industrial trials to evaluate the interdependencies between the
process variables and the catalyst behaviour in the system. In addition, a process
monitoring tool is presented, including the statistical control of the process operation based
on the model developed. Afterwards, an improvement to the regulatory control system is
advanced, alongside with the results achieved with its implementation. Finally, a procedure
for process monitoring and control is suggested presenting corrective measures to keep the

operation steadiness.
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2. Modelling of an industrial liquid phase hydrogenation

reactor

In this chapter, a modelling study of the industrial reactor used in the production of
aniline at Bondalti Chemicals S.A. is presented.

Firstly, an outlook on the use of multiphasic reactors in the chemical industries is
given, focusing on the technology used in the underlying process. A general description of
the reaction system is also included.

Secondly, a review concerning the modelling multiphasic reactors is presented,
including the prediction of hydrodynamic parameters, and the mass transfer phenomena.
Previous kinetic studies regarding the nitrobenzene hydrogenation in the liquid phase are

also addressed.

Thirdly, the mechanistic model of the industrial unit is described, detailing the mass
and energy balances related to the triphasic reaction system. Considering the catalyst used
in the present case-study, the reaction rate was also predicted based on the analysis of
process data. The model was used to perform a sensitivity analysis where the effect of the
major process variables on the conversion of nitrobenzene was assessed. These results

provide important conclusions relative to the operation and monitoring of the industrial unit.

2.1 Catalytic hydrogenation and related reactor technology

As previously mentioned, catalytic hydrogenation is recognised as the most used
pathway for reducing organic compounds and one of the major processes applied in
industry. Examples of both large- and small-scale hydrogenation processes include the
production of (i) fine chemicals, (i) commodity chemicals for the pharmaceutical industry,
(i) precursors used in the polymer industry, and (iv) intermediates for the fats and oils
industry. Considering that 10-20% of all fine chemical and pharmaceutical products
manufactured derive from hydrogenations, this explains the greater diversity of
hydrogenation catalysts commercially available, when compared to other catalytic

processes [34].

Most of the hydrogenation catalysts can be divided into two main clusters: (a)

precious metals (e.g. Pt, Pd, Rh, and Ru), (b) and transition base metals (e.g. Co, Fe, and
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Ni). Although both ensembles can perform similar hydrogenation functions, selecting the
best option is mainly based on an economic point of view. Although precious metal catalysts
usually display higher activity and selectivity, their higher price requires the use of very
effective downstream units to prevent significant losses. Base metal catalysts are less
expensive but also display lower activities, and their underlying processes require higher
operating costs as they demand more severe process conditions, as well as higher catalyst
loads. Therefore, the design of a hydrogenation unit should consider a trade-off between
the initial and the operating costs when selecting a proper catalyst [34]. Catalyst stability
and mechanical strength are also important criteria for process design and operation [35].
Depending on the type of reactor technology used, the associated timescale of the catalyst
decay could vary from seconds to days in vessels with moving catalyst beds, or from weeks

to years when a fixed-catalyst bed is considered [36].

Hydrogenations are often strongly exothermic reactions. Hence, the operation of
such systems requires strict control of the temperature, and additional measures to prevent
the related hazards of hydrogen handling and the pyrophoric properties of the catalysts
used. These reactions encompass (a) the reduction of nitro compounds to amines, (b)
saturation of multiple bonds, and (c) production of nitriles through reduction [37].

Hydrogenation units are usually multiphasic systems. Among these, triphasic
systems are known to correspond to the most widely used class, where the liquid phase
(often including a reactant to be processed) is combined with a gaseous component
(hydrogen), in operating conditions that, in turn, require the presence of a solid phase
(heterogeneous catalyst). These systems can be categorised by two modes of solid-
reaction mixture contact: one where the solid phase is maintained packed (fixed-bed), and
another one where the catalyst particles are kept in suspension throughout the reaction
vessel (moving bed). While the fixed-bed option is more appropriate for reaction systems
with intrinsically slow kinetics, the moving bed solution is preferred for cases where
diffusional phenomena hinder the overall reaction rate [38]. Since the present case-study
addresses a moving-bed type reactor, the fixed-bed technology is not considered in this

study.

The moving-bed triphasic reactors are broadly known as “triphasic slurry reactors”
and they are widely used for a variety of chemical processes (e.g. hydrogenation, oxidation,

chlorination, hydroformylation, and bioremediation) [38]. From this type of reactors three
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main categories can be distinguished: slurry bubble columns, fluidised beds, and agitated

tanks.

For a given reaction, the selection of a suitable reaction technology should consider
the operating features that each reactor type provides beforehand. For instance, in the case
of slurry bubble columns and fluidised beds, the conversion of the gas phase can be
affected by reducing the area available for gas-liquid mass transfer caused by the
coalescence of the gas bubbles. To achieve this, a higher height-to-diameter ratio in the
reaction vessel is used. On the other hand, in the case of agitated slurry reactors, the
homogeneity of bubble size is rapidly achieved, as mechanical agitation ensures the

dispersion of gas bubbles throughout the reaction medium.

Considering the capability to chemically convert the liquid reactants, the agitated
slurry reactors may present a lower performance because of back-mixing, in comparison
with slurry bubble column and fluidised bed technologies, where this issue is not pointed
as significant. Nonetheless, agitated slurry reactors are preferred in terms of temperature

uniformity [38].

The selection of a multiphasic reaction vessel should be oriented towards reducing
the mass transfer resistances to achieve greater catalyst activities, and therefore promote
the overall conversion [38]. The gas-liquid mass transfer and the reaction heat removal are
major issues to overcome, while designing and implementing a hydrogenation process on
a large scale [37]. Common design configurations used in hydrogenation units are outlined

in Figure 2.1.
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Figure 2.1 - Different reactor configuration designs for hydrogenation processes: (a) surface gassing,

(b) and (c) reactor with external recirculation, and (d) gas-inducing reactor (adapted from [37]).
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For instance, in Figure 2.1-(a), hydrogen is fed through a sparger located at the
bottom of the vessel and the undissolved gas accumulates in the headspace of the reactor,
leading to the increase of the local pressure. Once the maximum pressure is reached, the
hydrogen intake is stopped, allowing the excess gas to be absorbed from the headspace
into the mixture to be consumed. This solution, however, was proven to be inefficient
regarding mass transfer restricting severely the overall reaction rate [37]. As such,
alternative designs were proposed — Figures 2.1-(b) and 2.1-(c) —, with the intention of
reducing the gas-liqguid mass transfer limitations. Figure 2.1-(b) displays the external
recirculation of the mixture via an injector, together with the use of an external heat

exchanger. This technology presents several disadvantages namely [37]:

o the mismatch between the rate of reaction heat production and the rate of heat
removal in the external heat exchanger can result in local hotspots, thus hindering

selectivity

e the unequal distribution of hydrogen throughout the system, thereby causing the
formation of by-products and catalyst deactivation

e a deficient distribution of catalyst particles
e additional costs and maintenance issues associated with the external devices used.

Figure 2.1-(c) exhibits another hydrogenation configuration that enables the
recirculation of gas from the headspace to the bottom of the vessel through an external
compressor. Still, this design shows a major drawback of using a compressor to perform
the recirculation of gas, leading to increased maintenance and energy consumption relative
costs [37]. An improved solution is presented in Figure 2.1-(d), where the agitator works as
a gas-inducing impeller. This technology is currently used in the underlying hydrogenation
process of Bondalti. In this case, the impeller works itself as a gas dispersion-device. The
rotation of the agitator creates a pressure difference between the headspace and the
impeller zone allowing the descent of gas through the hollow shaft of the agitator. If the
agitation rate is above a critical point, the head loss at the vanes of the impeller is greater
than hydrostatic head allowing the gas flow to be induced into the reaction mixture. If further
contact of the gas-phase is desired, a gas sparger can be also installed. The unconsumed
gas goes to the headspace, where it can be recirculated through the hollow shaft of the

impeller.
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Advantages attributed to the gas-inducing system, in comparison with the previous

gas-liquid configurations include [37]:

a higher homogeneity of the reaction medium providing a more controlled

temperature and an extended lifetime of the catalyst

an enhanced dissipation of the reaction heat, thereby reducing the need of

using external heat changing devices

a reduction of the maintenance costs as the recycle compressor for the gas

phase is not required.

Nevertheless, some drawbacks related to gas-inducing reactors have been reported

by [39] [40]:

as the agitation energy requirements for gas induction increase with the
impeller submergence, the installation of the impeller closer to the liquid
surface level might be required, and this might reduce the total the gas-liquid

contacting area

a careful maintenance of the impeller sealing is needed when the gas phase
is inflammable (e.g. hydrogen) and high reaction pressures are used (>10

barg).

2.2 Reactor-decanter system

The reaction equipment used at Bondalti Chemicals S.A. comprises a stirred slurry

reactor coupled with a decanter, as shown in Figure 2.2. The reactor contains two

independent heat exchanger devices (A), tube bundles and helical coils that allow the

temperature control of the exothermic reaction. Furthermore, the reactor is equipped with a

gas-inducing impeller (B) that promotes the direct contact between the gas and liquid

phases, the uniform suspension of the catalyst particles and contributes to the removal of

the reaction heat.
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Figure 2.2 — Scheme of the reactor-decanter system.

The reaction mixture flows to the decanter through pipe C, where it is introduced in
a downward flowing tube to promote the separation of each phase. Pipe D guarantees equal
pressures in these two vessels. The catalyst material is recovered in the decanter, from
where it is recycled back to the reactor through the recirculation stream (E). The decanter
overflow (F) is a liquid stream almost free of solids, corresponding to the output stream of
the unit [41].

2.3 Review of modelling information

In this section, an overview of significant issues relative to the mathematical
modelling of multi-phase reactors is presented, oriented towards the description of agitated
multiphasic vessels. This allows the description of the hydrodynamic and transport
phenomena that occur in the industrial system considered. Available information relative to

the kinetics of nitrobenzene hydrogenation is also reviewed.

The transport phenomena involved in a gas-liquid-solid reaction system can be
represented using the film model as the basis (see Figure 2.3). This includes a combination
of diffusional resistances in series describing the transport of gaseous and/or liquid

compounds to the catalyst active sites in the solid phase, where the chemical reaction takes
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place. Considering the present case-study, the gas-side film resistance can be ignored, due

to the low solubility of hydrogen in the liquid phase. Here, Cg y, corresponds to the hydrogen
concentration in the gas phase, Cgy, is the saturation concentration of hydrogen in
equilibrium with the liquid phase, Cy y, is the hydrogen concentration in the liquid phase,
and Cg y, is the hydrogen concentration in the solid phase, which can vary along the particle
radius, in the case of porous catalysts (intraparticle mass transfer) [34] [38] [42].
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Figure 2.3 — Hydrogen concentration profiles involved in the gas-liquid-solid system under study.

In contrast to the intrinsic kinetics that depend only on the operating conditions used,
the mass transfer phenomena are also dependent on the reactor type, size, and geometry
[43]. As mentioned in section 2.1, the moving-bed technology used in the present-case is
preferred for cases where mass transfer limitations exert an influence on the overall reaction
rate. Therefore, an accurate description of the mass transfer phenomena is significantly

relevant in the present case-study.

2.3.1 Mass transfer phenomena

Early studies on mass transfer in multiphase reactors included the development of
purely empirical correlations based on the operating parameters used and the geometrical
features of the systems studied. Consequently, these correlations were system-dependent
and valid within a limited operating window. Because of this, these expressions did not

provide an attractive solution for scale-up design, where the corresponding hydrodynamics
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and operating regime could differ significantly. Improved mass transfer correlations were
further developed based on the similarity criteria among multiphase systems. The
development of mass transfer correlations for multiphase systems was first addressed by
attending to the mechanical similarity criterium. This considers two main characteristics:
dynamic and kinematic similarity. Dynamic similarity implies that geometrically comparable
systems should also exhibit equal ratio of forces affecting the fluid motion. Kinematic
similarity implies that geometrically analogous systems should also present comparable
hydrodynamic paths in a related interval of time [44]. Given these criteria, Froessling [45]
and Ranz and Marshall [46] [47] were the first authors to propose empirical correlations by

using dimensionless numbers as

Sh = A + B (Re)*(Sc)® (2.2)

where Sh is the Sherwood number that describes the ratio between the convective and
diffusive terms in mass transfer, Re is the Reynolds number representing the ratio between
the inertial and viscous forces, and Sc is the Schmidt number representing the ratio between

the momentum and the molecular diffusivities.

The previous approach has, though, an intrinsic drawback: the assumption that the
dimensionless groups are invariant in space. For instance, in the case of agitated vessels,
it is observed that the inertial force decreases as the fluid distances itself from the impeller
zone. Thus, using the Re number based on the impeller tip speed (Ndlzp/u) may represent

a gross simplification of the true phenomena [44].

Kolmogorov [48] assessed the turbulence behaviour on mixing systems through a
dimensional analysis. In his theory, the turbulent motion of the fluid is described by a
succession of eddies, where the larger ones, formed due to the impeller rotation, transfer
their energy to smaller receiving eddies through viscosity, as the fluid is moved away from
the impeller zone. The author claimed that, at sufficiently high Re numbers, the smallest
eddies are isotropic and thus independent of the fluid motion and equipment geometry.

Under these conditions, the turbulence of the system reaches equilibrium and can be

characterised by the power dissipated per unit mass (POt/pV) and the kinematic viscosity (v)

[49]. Therefore, the Reynolds number is, in this case, defined as
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Reg = (2.2)

where d represents the size of the dispersed phase (e.g., gas bubbles, solid particles). The
energy consumed per unit mass can be determined assuming that the nominal motor power
of the agitator should be enough to support the energy transferred to the mixture, plus the
energy losses of the operation [50]. Considering the industrial unit here studied, a triphasic
electric motor supplies the power input to the agitator. In this case, the power input is given

by expression [51]

Pot = n\/§ coslU (2.3)

where 1 is the motor efficiency, cos ¢ is the power factor, | is the current intensity of the

agitator and U the line voltage.

The isotropic theory of Kolmogorov is widely accepted, due to its simplicity, enabling
the relation of turbulence and power consumed in mixed systems with mass transfer.
Several investigators [52] [53] [54] [55] [56] [57] [58] [59] [60] have used this approach to
develop mass transfer correlations applied to multiphase systems. However, these
correlations are still system-dependent by discarding the specific flow patterns and the
turbulence intensity promoted by large-scale anisotropies in different geometric vessel
configurations (e.g., gas dispersion or solid particles suspension) [61]. Therefore, this theory
still provides a too simplistic view in the case of multiphase systems, where kinematic

similarity (e.g., hydrodynamics and turbulence) need also to be considered.

Kinematic similarity states that geometrically similar systems should also have
similar fluid dynamics in space and in time. This issue led to the development of mass
transfer correlations applied to turbulent flows with suspended patrticles, where steady state
forced convection is assumed. This concept is designated as the slip velocity approach,
and it was first proposed by [62] [63][64]. In this case, the Re number is defined through the

terminal settling velocity of the particles (u,):

pLutdp

Rer =
T KL

(2.4)
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It should be noted, though, that the established assumption of steady state flows for the
prediction of liquid-solid mass transfer discards the free-suspension behaviour of the solid
particles in agitated vessels. This dynamic behaviour involves their random movement in
space and in time, demanding its mathematical description through turbulent vector
components, and mean flow currents of the liquid flow [65] [66] [67]. This, in turn, implies
that slip velocity-based correlations hinder the selection of a proper value for the velocity
term in the Reynolds number. In addition, it has been reported that the related empirical
exponents may vary in the Reynolds and Schmidt numbers [67] [68]. Recall that the
description of the particle-fluid slip velocity characteristics entails complex mathematics
which, in turn, hinders a numerical solution. Further, it should be mentioned that the related
information on these characteristics is still scarce thereby complicating the prediction of
solid-liquid mass transfer in industrial-scaled reactors based on the slip-velocity approach
[69].

These approaches, however, evidenced some difficulties in comparing different
multiphasic systems with geometric and kinematic similarities. Owing to this, more recent
investigations [67] [70] [71] [72] [73] [74] have developed a new type of correlations that
defines the turbulence intensity of the system. In the case of agitated vessels, the turbulence
intensity can be expressed through the ratios between the operating speed of agitation, N,

and the corresponding critical speeds of agitation for complete dispersion of gas bubbles,

N¢p, and the just-suspended state of solid particles, Njs. The former parameter, NL is
CD

denoted as the relative gas dispersion and the latter one, Nl is known as the relative solid
S

suspension. Together, they can be used to describe the hydrodynamic regime for a given
multiphasic system. The turbulence similarity between multiphasic systems is ensured,
provided that the same hydrodynamic regime is achieved. The correlations developed
under these similarity criteria have the advantage of being scale-independent towards a
wide variety of impeller-vessel configurations. Logically, this feature is preferred for scale-
up design. Therefore, the prediction of gas-liquid and liquid-solid mass transfer coefficients

in the model developed for the underlying industrial system are based on this approach.

For the prediction of gas-liquid mass transfer coefficient, the correlation selected
was developed by Yawalkar et al. [74] for a coalescing air-water system in an agitated

vessel:
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1.464

kLab = 3.35 (N_CD) Ug (25)

Here Nl is the ratio of the operating agitation rate to the corresponding critical value for gas
CD

dispersion (see Equation 2.9), uc is the superficial gas velocity. These authors confirmed
that this equation provided similar results when compared to other correlations developed
by different researchers irrespective of the vessel size and geometry, impeller type and

sparger type.

The liquid-solid mass transfer coefficient in multiphase agitated systems relies on
the degree of suspension of the solid particles [75] [60] [70] [71] which, in turn, depends on
the turbulence structure of the system. In two-phase systems the turbulence structure is
influenced by the type of the impeller, the power input, the impeller-tank size ratio, the
impeller location, physical properties of the particle and liquid, and the particle loading.
However, in the case of three-phase agitated systems, additional factors should be
considered, including the type and location of the sparger, and the gas flowrate [67], thereby
explaining the lesser number of correlations available in this case. For the present industrial
case-study the correlation proposed by Pangarkar et al. [67] was selected, which is
applicable for three-phase systems, also covering the operating gas flowrate used in the

present case-study:

N
kLS,i = 18 X 10_3 <N_) SC_O'S3

SG (2.6)

Here Nl is the ratio of the operating agitation rate to the critical speed for solid suspension
SG

under aerated conditions.

However, it should be mentioned that Pangarkar and co-workers [67] claimed the
importance of performing additional studies on large-sized vessels with diameters above 1

m to check the dependence of k ¢ on additional geometric parameters and physical

properties. Nonetheless, considering that this correlation is more likely to encompass the
criteria of kinetic similarity, this will be included in the mechanistic model for the industrial

reactor.
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2.3.2 Hydrodynamic parameters

In the case of gas-inducing multiphase reactors, the agitation rate should be capable
of promoting a good homogenisation of all phases involved. To accomplish that, the
hydrodynamic regime developed needs to allow the induction of gas, as well as ensure the
complete dispersion of the gas bubbles and the solid particles (see Figure 2.4). Each of the
latter steps is attributed to a corresponding critical speed of agitation. Gas holdup is another
hydrodynamic parameter to be considered in these systems, as it defines the gas-liquid
interfacial area available for mass transfer. These parameters are analysed in the next

sections, considering the system-impeller configuration of the reactor studied.

Increasing stirring rate
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Figure 2.4 — Hydrodynamic regimes involved in a three-phase agitated reactor (adapted from [76]).

Critical speed of agitation for gas induction and rate of gas induction

As mentioned earlier, the process of gas induction in stirred vessels considers the
entrance of gas through the hollow shaft of the agitator, from where it exits through a vane
turbine. To promote this phenomenon, the operating speed of agitation should surpass a

critical minimum value, when the kinetic energy creates a minimum pressure drop between
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the impeller zone and the headspace to start the induction of gas into the liquid mixture [40].
The corresponding threshold is denoted as the critical speed for gas induction, Ngg.
Therefore, in this case, that gas flow rate is influenced by the impeller rotation speed, in

contrast to conventional sparged vessels, where these variables are independent [40].

The impeller submergence corresponds to the static head of liquid above the
impeller needed to be overcome so that the gas can be induced. Several authors have
reported the dependency of N with the impeller submergence [77][78] [79], together with
the development of models that predict N for different types of impeller [80][81][82] [83].
Poncin and co-workers [83] studied the hydrodynamics of the air-water system by using an
agitated vessel equipped with a gas-inducing system similar to the one used in the industrial
reactor studied. In this case, the critical speed of gas induction was defined through the

modified critical Froude number, Frz, assuming ideal frictionless liquid motion

Neg dp)?
e - (oo @)

= 0.153 (2.7)
where d; is the impeller diameter, g the gravitational acceleration, and S the impeller
submergence. These authors also correlated the gas induction rate by assessing the effect

of different liquid levels (impeller submergence) and of the impeller speed as

Nd?

Q=23 [1+ (Fr* — Fry)—17] (2.8)

where Fr* is the modified Froude number based on the operating agitation speed N.
Critical speed of agitation for complete gas and solid dispersion

The agitation rate of the impeller system must be enough to not only enable the
induction of gas, but also to promote the homogenisation of the mixture; in the case of
triphasic systems, this latter issue includes two distinct hydrodynamic regimes: complete
dispersion of gas bubbles and the suspension of solid particles. Each of these corresponds
to a specific threshold agitation that, in turn, is dependent on the physical properties of the
fluid/solid phase (i.e. density, particle size), gas flow rate, impeller/vessel dimensions,

impeller type and impeller submergence [76].
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The minimum speed for complete dispersion of gas can be determined by the

correlation proposed by Nienow and co-workers [84]

4Q4° g

7 (2.9)

Nep =

where N¢p is the critical speed for complete gas dispersion, dg is the vessel diameter, and
d; is the impeller diameter. This correlation is appropriate for systems equipped with disc

turbines similar to the ones used in the present case-study [74].

Besides the importance of guaranteeing a complete dispersion of the gas, the
performance of mechanically agitated three-phase reactors entails that the solid particles
must be maintained in suspension for an adequate liquid-solid contacting area. Concerning
this issue, Zwietering [85] defined the minimum agitation speed at which every solid particle
is in motion and kept suspended for more than 1-2 s, which he denoted as just off-bottom
suspension speed, Njs. This criterion is widely used owing to its simplicity and

reproducibility, and it can be represented as

uPtd2AL(g (pear — PL)/pL)]045X 013

Nis = o
] PE'ld?'Ss

(2.10)

where ¢ = 9, considering the vessel-impeller geometric configuration of the present system
studied [86]. y;, is the absolute viscosity of the liquid phase, d.,: is the diameter of the
catalyst particle, p.,; and p;, are the densities of the catalyst and the liquid phase,

respectively, and X is the mass percentage of the solid phase.

Although the subject of solid suspension in agitated vessels is extensively reported
by several authors [73][85] [87] [88][89][90][91][92] [93][94][95] [96][97] [98], fewer studies
were developed for three-phase systems, because the presence of a gas phase in the
mixing system increases the complexity of the behaviour of the solids particles therein. A
number of studies [73] [87] [91] [90] proposed a linear dependence between the critical

speed for solid suspension under aerated conditions, Ngg, and the gas induction rate as

Nse = Njs + k Qg (2.11)

Monitoring and improvement of a multi-phase reaction system 58



where x is a constant. However, the reported values of k significantly change amongst the
latter studies mentioned, indicating the system-dependence of Ngg. With the intention of
overcoming that issue, Zhu and Wu [51] have correlated Ng; independently from
vessel/impeller sizes, particle size, and concentration of suspended particles, making it
suitable for scale-up applications:

Ngg = Njg

Q 0.7
G
1426 <le d?) ] (2.12)

This correlation was developed under impeller clearance-to-tank diameter ratios varying

between 0.25 and 0.40, which is close to the industrial system studied.

Gas Holdup

The estimation of the gas holdup in agitated vessels is described in the literature
through several correlations considering the impeller-vessel configuration, the operating
conditions, and the physical properties of the system. However, like in the prediction of
mass transfer coefficients, most of gas holdup correlations are based on either
dimensionless groups, or on the power input per unit mass, which are limited to a small
range of system geometries and operating conditions [99] [100]. To overcome this issue,

Yamalkar et al. [101] correlated the gas holdup as a function of the relative gas dispersion
(Nl), arguing that N¢p uniquely describes the turbulence intensity at the completely gas
CD

dispersion condition, under a given impeller-vessel combination [100]

N 0.62 60 QG 0.69 022 dI 0.14
_ N 22 (4 2.13
=0 (B2 o (2 s

where ¢ is the gas holdup (volumetric fraction), and Vp is volume of the mixture, comprising

the gas and liquid phases of the system.

2.3.3 Kinetic studies

The understanding of the kinetics of nitrobenzene hydrogenation to aniline took its
initial steps in the studies performed by Haber [102], where the first proposal of a reaction

scheme was established (see Figure 2.5). According to this reaction scheme, aniline can
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be formed via the formation of Nitrosobenzene (NSB) and N-phenylhydroxylamine (PHA)
intermediates; however, these compounds can undergo a condensation route producing
dimeric molecules of Azoxybenzene (AZXB), Azobenzene (AZB) and Hydrazobenzene
(HB). In addition, a few studies [103] [104] have reported the identification of the reaction
intermediates during hydrogenation, which provided further supporting evidence for Haber’s
reaction scheme. Even so, this mechanistic scheme did not totally explain the experimental
results. Therefore, other authors proposed alternative mechanistic schemes to describe the
process of MNB hydrogenation. For instance, some studies [105] [106] indicate the
formation of the dimeric compounds Azoxybenzene (AZXB) and Azobenzene (AZB) from
either the remaining intermediates, or from nitrobenzene or aniline. Recent studies [107]
claimed two different routes to the intermediate Nitrosobenzene (NSB) (e.g.,

dehydrogenation and condensation) towards aniline synthesis.

PHA ANL
OH
NH,

condensation condensation
— — —

condensation ondensatlon

. — O

AZXB AZB HB

Figure 2.5 — Reaction mechanism proposed by Haber [102].

Apart from the hydrogenation of nitrobenzene, it should be noted that additional
secondary reactions can also occur in the underlying system. A number of studies [22][108]
[109], including PhD theses developed at Bondalti [110] [111] [112], addressed this issue,
proposing other reaction mechanisms to describe the nitrobenzene hydrogenation in the

liquid-phase under distinct different heterogeneous catalysts.

Relvas [110] and Sousa [111] reported their results in laboratory-scale agitated

reactors, using catalysts similar to the ones used in the industrial productive process under
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study. Although these studies provide a better understanding of the industrial reaction
system, the authors claim that the kinetic behaviour observed in laboratorial scaled reactors
can differ from the industrial scale. Relvas [110] concluded that the activation state of the
catalyst has a major influence on the reaction conversion and selectivity. In addition, he
mentioned that the catalyst make-ups performed in the industrial unit can promote the
heterogeneity of catalyst activation states, which, in turn, influences the formation of the
secondary compounds, thereby hindering the kinetic modelling of the underlying reactions.
On the other hand, Sousa [111] mentions that the prediction accuracy of the secondary
compounds can be affected significantly at the industrial scale, due to the greater influence
of mass transfer limitations therein, in comparison with the laboratorial system. In addition
to this, it is worth mentioning that the total amount of hydrogenation by-products formed in
the Bondalti industrial reactors represents a very low percentage of the reactants converted.
Given this statement and the former issues pointed by Sousa [111] and Relvas [110], only
the main reaction was considered (nitrobenzene hydrogenation) in the mechanistic model

developed for the industrial reactor (see section 2.4).

A reference study of the kinetics of the liquid-phase hydrogenation of nitrobenzene
to aniline in agitated slurry units was developed by Turek and co-workers [113]. Their
experimental setup consisted in a laboratorial agitated autoclave containing suspended

particles of Ni/ALO, catalyst, where the effect of temperature, pressure, nitrobenzene

concentration, and pH on the reaction rate were evaluated. These authors adjusted a
Langmuir-type model to describe the intrinsic kinetics of the reaction system (see Equation

2.14). Table 2.1 presents the experimental conditions used.

KKmnCsmnp K, n, P,
1+ KyngCsmng 1+ Ky, oy, Py,

IMNB =

53.25 x 102 ] - mol ™!
k =4.128 x 10% exp | —

RT

. 71.7 % 10° ] - mol™*
KMNB =3.503 x 10 exp|—

RT (2.14)

s 28.29 x 103 ] - mol™?!
Ky, = 1.097 x 107> exp RT

s 612
ay, = 9.97 X 10™exp [_T
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Here ryyg is the reaction rate [mol - kgok - s71], k the kinetic constant, Kyyg and Ky, are
the adsorption equilibrium constants of nitrobenzene and hydrogen [mﬁquid-mol‘l],
respectively, Py, the partial pressure of hydrogen [Pa], ay, the hydrogen solubility
[mol - my;5 ;4 - Pa™?], and Csmng the concentration of nitrobenzene in the surface of the

catalyst [mol - mﬁguid].

Table 2.1 — Experimental conditions of the studies conducted by [113].

Parameter Value
Liquid volume [L] 0.5-1.0
Catalyst Ni/Al, O,
Operating temperature [°C] 50-150
Catalyst loading [g] 0.82
Average particle size [pm] 15
Operating pressure [barg] 2-20
Initial concentration of nitrobenzene [mol/m?] 4.3-43
Solvent Ethanol
Agitation rate [rpm] 150-800
Aniline (50%)
Liquid-phase initial composition [wt.%] Water (20%)

Ethanol (30%)

These authors also analysed the mass transfer phenomena in the laboratory system

noticing the existence of liquid-solid mass transfer limitations for nitrobenzene bulk

concentration values below 0.1 mol-m™ and reaction temperatures above 130°C. A strong
influence of the agitation rate on the gas-liquid mass transfer of hydrogen was observed,

whereas a small impact on the liquid-solid mass transfer of nitrobenzene was noticed.

Striving to further evaluate the liquid-phase hydrogenation of nitrobenzene in
agitated slurry units, the same authors developed another study [114], where the kinetic
model was correlated to data corresponding to an industrial-scaled vessel. In this study, the
authors suggest the inclusion of a corrective factor to predict the reaction rate. This way,
the effect of the catalyst particle size and of the activity on the reaction rate at the industrial

scale are considered.
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These kinetic studies were performed using ethanol as a solvent. From the industrial
standpoint, this option is not very attractive, as the downstream separation between a
solvent and the reaction products could reduce the economic viability of the operation.

In the case of the underlying industrial system studied, a fraction of the reaction
products is recycled to the reactor feed to be used as a solvent. The reactor outlet stream,
mainly composed by aniline and water can, in turn, form two immiscible liquid phases for
temperatures below 120°C, allowing the downstream separation of the liquid phase. To
ensure a homogenous reaction mixture in the industrial reactor, temperatures above 140°C
should be employed [115][116][117].

Machado [115] studied the mass transfer and kinetics involved in the liquid-phase
hydrogenation of nitrobenzene using a laboratory-scale gas-inducing reactor with Raney
nickel-type catalysts. In this case, an aniline-water mixture was used as a solvent. The
experimental conditions used are presented in Table 2.2. The determination of the reaction
rate was performed through calorimetry measurements, while taking advantage of the
exothermic nature of the reaction, in contrast to the studies performed by Turek et al. [113]
[114], where the reaction rate was determined through the measurement of the hydrogen
consumption rate in the reactor headspace.

Table 2.2 - Experimental conditions of the studies conducted by [115].

Parameter Value

Liquid volume [L] 1.0

Catalyst Raney nickel
Operating temperature [°C] 100-160

Catalyst loading [g] 0.45

Average particle size [um] 34.2

Operating pressure [barg] 8-14

Initial concentration of nitrobenzene [mol/m3] 16

Solvent Aniline (85.7 wt.%) Water (14.3 wt.%)
Agitation rate [rpm] 1000

Liquid-phase initial composition [wt.%] Qirl'rl(')r;)eef]szg?e) (50%)

Machado [115] confirmed that the overall kinetic rate constants are weak functions
of the temperature between 140 and 160°C, also presenting a low activation energy. In

addition, the author recalled that the overall kinetic constant obtained is close to the liquid-
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solid mass transfer coefficient, evidencing that, under these conditions, the process is
controlled by liquid-solid mass transfer. On the other hand, the kinetic constants are strongly
influenced by temperature in the range of 120 to 140°C.

By assuming a simple rate model with a first order dependence on the nitrobenzene
concentration and a zero-order related to hydrogen, the author determined the overall
kinetic constants for different temperatures and pressures. These values were calculated
and plotted according to the conventional Arrhenius model in [115]. For atemperature range
from 140 to160°C and a hydrogen pressure of 14 barg, the pre-exponential and energy of
activation can be estimated from the data provided, thereby leading to the following kinetic

model:

C
[ = )

1.589 x 10* (2.15)
| =57.863 exp |- ———

RT

Here k is the overall kinetic constant, expressed in [1/(wt. % catalyst - s)], X is the mass
percentage of catalyst in the mixture [wt. % catalyst], C.,; is the catalyst mass concentration

[Kgcat - Mijquia]. @and Cpmnp is the concentration of nitrobenzene in the bulk phase

[mOI ) rnl_iguid]'

The author evidenced that, at sufficiently high reaction temperatures and
nitrobenzene concentrations in the liquid phase below 1000 ppm (= 8.13 mol-m at 140°C),
liquid-solid mass transfer controls the reaction rate. On the other hand, it was observed that,
beyond that threshold concentration of nitrobenzene in the bulk phase, the reaction order
becomes zero with respect to the nitrobenzene concentration, thus suggesting that the

reaction system becomes limited by the surface-reaction rate.

Relvas and co-workers [110][118] also assessed the liquid-phase hydrogenation of

nitrobenzene in a laboratorial batch agitated reactor with powdered Ni/SiO,, catalyst. In this

case, the reaction was conducted under initial concentrations of nitrobenzene about 100
times higher than those used in the previous studies referred. In this study, a significant
induction period at the beginning of each catalyst trial was observed. These authors
attributed this phenomenon to the possible inhibition of the catalyst due to the excessive
content of nitrobenzene in the initial mixture, and/or to the activation process related to the

hydrogenation itself that could enhance the reaction rate with time. This result showed that
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the catalyst activation state could significantly change while contacting with the reaction
mixture. This assumption was sustained by other authors [119] [120] that confirmed that
similar catalysts can be activated over reducing atmospheres. Relvas and co-workers [110]

[118] developed a semi-empirical kinetic model for the liquid-phase hydrogenation of
nitrobenzene to aniline as:

k (Comng X 1072)”7 (By, x 1075)"”
1 + KMNB (CL,MNB X 10_3)4/3 + KHZ(PHZ X 10_5)

I'mMNB = 7713 XAS

34.52 x 103 ] - mol~?
k =11.55 x 10% exp |—

RT
(2.16)

s 35.10 x 103 J - mol ™!
Kyng = 371.89 x 1073 exp o

; 28.62 x 103 ] - mol~*
Ky, = 30.23 x 10% exp |-

RT
Here, xas represents the fraction of active sites on the catalyst particles, and Kyyg and Ky,
represent the adsorption constants for nitrobenzene and hydrogen, respectively.

The evolution of the number of active sites with time and the corresponding initial
condition were defined as

—Xas(®) = rung Mkf (2.17)
dt XasT

Xas(t = 0) = xast X fo, Kast =D (2.18)

where k¢ represents the reaction rate constant for the activation of the catalyst, xast is the
total fraction of the sites on the catalyst particles, and f is the fraction of sites available at

t=0. The values of f, and of k¢ are reported in [110] [118]. The experimental conditions are
displayed in Table 2.3.
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Table 2.3 — Experimental conditions of the studies conducted by [110] [118].

Parameter Value
Liquid volume [L] 0.38-0.40
Catalyst Ni/SiO2
Operating temperature [°C] 50-250
Catalyst loading [g] 6.7
Average particle size [um] 17
Operating pressure [barg] 5-50

Initial concentration of nitrobenzene [mol/m?3] 2400-2600
Solvent Aniline
Agitation rate [rpm] 1200

Comparison of kinetic models

Considering that the kinetic studies of Machado [115], Relvas et al. [110] [118] and
Turek et al. [113] were all developed in agitated vessels with comparable liquid volumes
and operating conditions, the corresponding reaction rates can be compared for each case.
Since the design details of the reactor used by Turek et al. [113] and Machado [115] are
unknown, the design specifications of the laboratory apparatus used by Relvas and co-

workers [110] [118] are here considered.

Regarding the kinetic modelling of the corresponding reaction, the previous work
developed by Neves [23] at Bondalti Chemicals S.A. should be also mentioned. During this
investigation, where two modelling approaches were proposed: (1) an isothermal and
macroscopic model based on algebraic equations encompassing the global mass/energy
balances and the partial mass balances of the underlying system, and (2) a non-isothermal
microscopic model based on differential-algebraic equations, where the diffusional and
conductive phenomena across the catalyst particle are considered. The corresponding
sensitivity analysis corroborate similar results in both approaches, showing that the reaction
rate was mainly influenced by the liquid-solid mass transfer of nitrobenzene. This result also

indicates the small impact of intraparticle mass transfer on the reaction performance.

Considering the simulation results derived from Neves [23], this present comparison
exercise assumes that all active sites are under catalyst-surface conditions in terms of
nitrobenzene concentration. In addition, the isothermal behaviour of the particle is also

assumed.
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Here, the operating parameters include a catalyst concentration of 10 g/L, a catalyst
particle size of 15 ym, an agitation rate of 1200 rpm, and an operating pressure of 15 barg.
Here, ranges of temperature from 140 to 150°C and of nitrobenzene bulk concentration
from 1 to 1000 ppm are considered.

For this purpose of comparison, further assumptions also include spherical-shaped
catalyst particles, perfect-mixed reaction, constant activation state with time. In case of the
kinetic model proposed by Turek et al. [113], the concentration of hydrogen in the catalyst
surface can be estimated assuming the steady state between the gas-liquid/liquid-solid
mass transfer and the surface-reaction rates. As mentioned previously, the gas-side film
resistance can be ignored in this case, since hydrogen presents a low solubility in the liquid-
phase. The concentration of nitrobenzene in the catalyst surface can be also estimated
assuming the steady state between the liquid-solid mass transfer and the surface reaction

rates. Equating the mass transfer and reaction terms in steady state for the reactants leads

to:
kiap (CG'HZ —CLu ) — 9y,'sMNB Ceat = 0 (219 A)
He 2 2>
kLs,H2 Acat (CL,H2 - CS,HZ) - 19HZI'S,MNB Ceat =0 (2.19B)
Kis MNB Acat (CL,MNB - CS,MNB) — TsMmnB Cear = 0 (2.19C)

Here, ki a;, is the gas-liquid mass transfer coefficient related to hydrogen [s~!] (Equation

2.5), kpsmng and ki s i, are the liquid-solid mass transfer coefficients of nitrobenzene and of
hydrogen, respectively [mjiqiq - mc% - s7*] (Equation. 2.6), ac, is the external area of the
catalyst per volume unit [mZ;-mjouql. Cear iS the catalyst concentration [kgca-

C
-3 GHp
Myjquid ] He

is the saturation concentration of hydrogen in the liquid-solid interface
[mol - my;3,14], He is the Henry constant, C vy and Cpy, are the concentrations of
nitrobenzene and of hydrogen in the liquid phase, respectively [mol - mj;3 4], Csmng and
Csu, are the concentrations of nitrobenzene and of hydrogen in the catalyst surface,
respectively, [mol . m]‘iguid], rsmng IS the surface-reaction rate of nitrobenzene [mol - kg -
s~ 1], 9y, and is the stoichiometric coefficient of hydrogen. Assuming spherical shaped

particles, the external area of the catalyst, acy, Wwith size d.;; [m] and density

Peat [KEcar - Met] is defined as:

Monitoring and improvement of a multi-phase reaction system 67



6 Ccat

Pcat dcat

(2.20)

Acat =

The catalyst density is assumed the same as in Relvas et al [110] [118] work since

this parameter is also unknown in the remaining studies.

For this analysis, the predicted reaction rate of nitrobenzene in each case is
compared to the corresponding maximal mass transfer rate of nitrobenzene, MTRyyg

[mol - kga: - s711, assuming Cs g =~ 0.

* 6 kLS,MNB
MTRumyg = kLS,MNB Acat CL,MNB =0 CL,MNB (2.21)

Pcat dcat

Here, ag,¢ (z Zzz) [mZ,; - kgk] corresponds to the specific external area of the catalyst.

As Machado [115] calculated the liquid-solid mass transfer coefficients based on the
Kolmogorov’'s Theory, Table 2.4 shows a comparison between the values obtained for
nitrobenzene and for hydrogen based on Machado work and on Equation 2.6, assuming the
same experimental conditions The predicted liquid-solid mass transfer coefficients for
nitrobenzene and for hydrogen according to the Kolmogorov-based equations used by
Machado [115] are higher by a factor of 1.40 and of 1.80, respectively, when compared to
the values obtained by Equation 2.6. This numerical difference can be possibly justified
through the distinct hydrodynamics of the laboratorial apparatuses used by these authors,
resulting from several factors that intervene in the calculation of k; s yng. These include both
the physical dimensions and clearances of the apparatus, and slightly different catalyst
materials. Due to the limited differences observed in Table 2.4, Equation 2.6 will be used

for comparing the comparing the various kinetic studies here assessed.
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Table 2.4 — Predictions of liquid-solid mass coefficients for nitrobenzene and hydrogen, according to

Machado [115] and to Equation 2.6.

Nitrobenzene Hydrogen
Temperature
[°C] KLsmNB [mlsiquid -mg5 - s~ x 103 KisH, [mﬁquid ‘mgZ s~ x 103
Machado Eq. 2.6 Ratio Machado Eq. 2.6 Ratio
@ @ 1)/(2) @ @ @)
140 1.02 0.73 1.40 1.97 1.10 181
150 1.12 0.79 1.42 2.17 1.20 181

Table 2.5 and Figure 2.6 present the reaction rate and the maximal mass transfer

rate according to the previous kinetic studies for different values of nitrobenzene bulk

concentration and of temperature.

Table 2.5 — Reaction and maximal mass transfer rates predicted by [113], [115] and [118] for different

values of nitrobenzene concentration and of operating temperature.

Laboratorial scale Reaction rate
140°C [mol kg s1] x 108 Maximal mass transfer rate
mol kgt s] x 103
Cmne Csmne ok | Machado Relvas . S
[ppm] [ppm]
1 0.001 1 0 0 1
10 0.010 9 5 2 9
20 0.020 19 9 5 19
50 0.054 47 23 15 47
100 0.122 94 46 35 94
200 0.337 188 92 83 189
500 42 432 231 241 472
1000 538 436 461 473 943
Laboratorial scale Reaction rate .
150°C [mol kgt 51 x 10° Maximal mass transfer
rate
Cuune Cs.uns Turek Machado Relvas [mol kg s1] x 10°
[Ppm] [Ppm]
1 0.000 1 1 0 1
10 0.005 10 5 2 10
20 0.010 20 10 5 20
50 0.027 51 26 15 51
100 0.059 102 51 37 102
200 0.150 203 103 89 203
500 2 506 257 265 508
1000 435 574 515 554 1017
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Figure 2.6 — Predicted values of the reaction and maximal mass transfer rates, according to the
various kinetic models assessed, (- Turek et al. [113], -O- Machado [115] -O-Relvas et al. [110]

[118] and -O- maximal mass transfer rate).

In case of the kinetic model proposed by Turek et al. [113], the reaction rate shows
a linear behaviour with the nitrobenzene liquid concentrations up to 200 and 500 ppm, when
temperatures of 140 and 150°C are considered, respectively. Under these conditions, the
reaction corresponds to the maximal mass transfer rate of nitrobenzene, suggesting that
the reaction is limited by mass transfer. For higher concentrations of nitrobenzene in the
liquid phase, the reaction rate becomes inhibited, while the catalyst surface becomes
saturated with the adsorbed reactant; under these conditions, surface-reaction rate controls

the reaction system.

In case of the kinetic expressions derived from the studies of Machado [115] and of
Relvas et al. [110][118], the predicted reaction rates are similar, describing both a linear
behaviour throughout the entire range of nitrobenzene liquid concentrations and of
temperatures considered. Although the kinetic model developed by Relvas et al. [110][118]
describes a the reaction rate through a Langmuir-type equation (see Equation 2.16), it was
observed that the corresponding inflection of the kinetic curve occurs for nitrobenzene bulk
concentrations around 2000-3000 ppm; for that reason, only the linear contribution of the
kinetic curve is observed, giving the operating window considered. According to the former
kinetic expressions, the predicted reaction rates are inferior to the predictions derived from
the kinetic model of Turek et al. [113] for nitrobenzene bulk concentrations below 900 ppm.
However, it is worth mentioning that all kinetic expressions describe a linear behaviour with

nitrobenzene liquid concentrations below 200 ppm. Given this scenario, the saturation of
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the catalyst active sites is not significant under those conditions. Bearing this in mind, mass
transfer limitations of nitrobenzene are also pointed in the kinetic systems studied by
Machado [115] and of Relvas et al. [110][118].

In contrast to the kinetic model of Turek et al. [113], where the intrinsic kinetics at
the catalyst surface are described, the kinetic expressions derived from the studies of
Machado [115] and of Relvas et al. [110] [118] depict the overall reaction rate as a function
of the nitrobenzene bulk concentration; because of this, steady state balance between mass
transfer and chemical reaction rates cannot be mathematically applied to these kinetic
expressions to determine the nitrobenzene concentration at the catalyst surface.
Nevertheless, by plotting the predicted overall reaction rates against the maximal mass
transfer rate of nitrobenzene (MTRyng) assumed in this exercise (see Table 2.5), a
comparable order of magnitude is observed (see Figure 2.7). This result supports the

significance of mass transfer limitations of nitrobenzene in both cases.

Figure 2.7 indeed shows slopes between the overall reaction and the maximal mass
transfer rates inferior to unity - Machado [115] (=0.507) and Relvas et al. [110] [118]
(=0.489). Nevertheless, it should be noted that the parameters defined in Equation 2.21
(kpsmng @nd ag,e) may not accurately describing the hydrodynamics of the laboratorial
apparatuses where both kinetic studies were developed. According to Equation 2.6, the
value of ks mng relies on a proper estimation of Ngg (see Equation 2.12), which, in turn,
depends significantly on the specific design features of the system (i.e., impeller
submergence, impeller/tank size). Since only the design specifications of the laboratory
reactor used by Relvas and co-workers [110][118] are known, the predicted value of k; s yng
may not accurately describe the hydrodynamics of the system used by Machado [115]. On
the other hand, the predicted value of ag,; can also be distinct among the catalysts used in

both studies since the related particle size distributions were also unknown.
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Figure 2.7 — Relationship between predicted reaction and maximal mass transfer rates (-O- Machado
[115] -O-Relvas et al. [110] [118]).

Despite the difficulties in characterising the hydrodynamics of the laboratorial
systems of the former kinetic studies, additional evidence that supports the significance of
mass transfer limitations of nitrobenzene is available. As mentioned before, Machado [115]
confirmed that the mass transfer of nitrobenzene through the liquid-solid interface controls
the reaction rate in similar ranges of temperature and of nitrobenzene bulk concentrations
assumed here. This author supported his claim by confirming that the measured overall rate
constants were comparable to the predicted liquid-solid mass transfer coefficient of
nitrobenzene. In addition to this, he reports a low apparent activation energy (17 kJ-mol?),
corroborating the strong effect of mass transfer limitations on the reaction rate. In case of
Relvas et al. [110] [118], a Langmuir-type equation was adjusted to the experimental data,
where a similar apparent activation energy (23 kJ-mol') was also obtained under
comparable temperature conditions as those used by Machado [115]. According to [121]
[122], for apparent activation energies around 20 kJ/mol, mass transfer phenomena have a
significant impact on the overall reaction rate. Therefore, it is highly probable that the
parameters derived from the kinetic model of Relvas et al. [110] [118] are also significantly

influenced by the mass transfer limitations of nitrobenzene observed

As mentioned before, the kinetic model proposed by Turek et al. [113] describes the
surface-reaction rate of the corresponding catalytic system. Therefore, the impact of mass
transfer limitations of nitrobenzene can be further evaluated through the evaluation of the
second Damkghler number (Day):
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Chemical reaction rate

Day (2.22)

Maximal mass transfer rate

Table 2.6 shows the Da; values obtained in the kinetic model of Turek et al. [113],

considering the same operating conditions assumed previously.

Table 2.6 — Second Damkéhler numbers obtained for kinetic study model of Turek et al. [113].

Laboratorial scale Second Damkoéhler number (Turek et al. [113])
CLmnB
140°C, 150°C
[ppm]

1 435 602
10 60 75
20 31 38
50 12 15
100 6 8
200 3 4
500 1 2

1000 1 1

Here, it is possible to observe that Day values are particularly high for nitrobenzene
concentrations below 20 ppm. Under these conditions, the corresponding chemical reaction
rate is much higher than the maximal mass transfer rate observed, meaning that mass
transfer is significantly limiting the overall reaction rate. On the other hand, for higher
concentrations of nitrobenzene in the liquid phase, the Da, values tend to decrease,
denoting a reduction of the mass transfer limitations, as the active sites at the catalyst
surface become gradually saturated by absorbed reactant, which is coherent with the
surface-reaction inhibition.

Given the latter results, if a high conversion of nitrobenzene is demanded, small
concentrations of this compound in the liquid phase are thus required to prevent a surface-
reaction inhibition. Under these conditions, mass transfer limitations of nitrobenzene are
expected to become dominant. To evaluate this scenario, the mass transfer coefficients of
hydrogen and of nitrobenzene for the same operating conditions are calculated (see Table
2.7). In addition, the reduction of the concentration of hydrogen at the gas-liquid and liquid-

solid interphases and of nitrobenzene at the liquid-solid interface are evaluated through
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Equations 2.19 A-C (see Table 2.8). In this case, a nitrobenzene concentration in the liquid

phase of 10 ppm is assumed.

Table 2.7 — Gas-liquid and liquid-solid mass transfer coefficients estimated in this exercise.

Temperature [°C] ki ap [s71] Kism,acat [s7] Ky s MNB Acat [$7']
140 1.897 1.263
0.122
150 2.065 1.375

Table 2.8 — Mass transfer limitations predicted at the laboratorial scale, considering the kinetic model

proposed by Turek et al. [113] .

Hydrogen absorption to liquid Hydrogen transport to Nitrobenzene transport to
By phase [%] catalyst surface [%)] catalyst surface [%]
[ppm] (CG,HZ — CL.Hz) i (CL.Hz — CS,H2> (CL,MNB - CS,MNB)
Ce, Crh, CLmnNB
10 7.22 0.50 99.90

In this case, although the liquid-solid mass transfer coefficients of nitrobenzene,
KisMNB acat, and of hydrogen, ki s i, ac, are greater than the corresponding gas-liquid mass
transfer coefficient of hydrogen, k;a,, only the significant mass transfer limitations of
nitrobenzene from liquid to solid are noticed (above 99%) (see Table 2.8). Minor reductions
on the hydrogen concentration through the gas-liquid and liquid-solid interfaces — below
10% and 1%, respectively — are observed. Therefore, the external mass transfer of

nitrobenzene as the major limiting step can be supported by these results.

In addition, it should be noted that the value of k; a;, obtained is low when compared
to the values indicated in the studies of Machado [115] (0.235 s at 1000 rpm) and of Turek
[113] (0.750 s* at 800 rpm). Despite the low value of k; a},, the gas-liquid resistance is not
significant. This can be justified through Equation 2.19-A which indicates that hydrogen

. . . Co C
! Cgn,corresponds to the saturation concentration of hydrogen in the gas-liquid interface (= %)
where Cg y, is the hydrogen concentration in the gas phase and He is the Henry constant (see Appendix A).
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,
Camp~CLHy

absorption from gas to liquid ( ) is only affected if high reaction rates (rsyng>>)

CoH,
and low partial pressures of hydrogen (Cgy,<<) are applied. Recall that kya;,, does not
depend on the catalyst properties, but rather on the agitation efficiency. To improve this
parameter, more efficient impellers should be applied to increase the power input per
volume unit of the reaction mixture and, in turn. the specific area of the gas bubbles, a;,
[123].

It should be noted that the underlying mass limitations of nitrobenzene were
accepted assuming that heat transfer limitations are neglected. However, due to the
significant exothermicity of the underlying reaction, this premise can also be checked. In
this case, laminar flow in the liquid-solid interface is assumed, due to the small size of the
catalyst particles [123]. Under these conditions, the particle-to-fluid heat transfer coefficient,

his [W-m™2-K™1], can be estimated through the relationship:
kLS,i dp hLS dp

ShxNue ——~ —— (2.23)
Dy Ay

Here Sh is the Sherwood number representing mass transfer, Nu is the Nusselt number
representing the heat transfer, D; [m?s™1] is the diffusion coefficient of the component i in
the liquid phase, A, [Wm™! K] is the thermal conductivity of the liquid phase (see
Appendix A).

At steady state, the heat produced by the reaction on the surface of the catalyst

equals the rate of energy transferred from the solid to the liquid phase:
(—AHg) rsmng = his acar (Tear — o) (2.24)

Here, AHg is the enthalpy of the reaction [J - mol™'], T.,; and Tj, [K] are the temperatures in
the surface of the catalyst and in the liquid phase, respectively, and rg g is the surface-
reaction rate [mol- kgL s 1]. Table 2.9 shows the values of A, under the range of
temperatures here considered and assuming a liquid phase composition of 86 wt.% aniline

and 14 wt.% water.
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Table 2.9 — Thermal conductivities of the liquid phase, under the range of temperature considered.

Temperature [°C] AL [W m? K7
140 0.176
150 0.174

By applying Equation 2.24, the relative temperature difference between the catalyst

surface and the liquid phase (@) can be determined, considering the range of
L

nitrobenzene concentration in the liquid phase (see Table 2.10), and rg yyg Was determined

cat—TL

according to Turek et al. [113]. In this case, the low values obtained in T T confirm the
L

isothermal conditions in the underlying system.

Table 2.10 — Evaluation of heat transfer limitations considering the kinetic model proposed by Turek
etal. [113].

140°C
CLMNB I's MNB Kismne Dy mnB hig Tear — T
[ppm] [mol - kggh s~ [mfquia - mZe - s7] x 10* [mfquia - 7] x 10° [W-m™2-K '] x107* Ty

1 0.001 7.321 4.115 3.131 2.40E-07
10 0.009 7.321 4.115 3.131 2.16E-06
20 0.019 7.321 4.115 3.131 4.56E-06
50 0.047 7.321 4.115 3.131 1.13E-05
100 0.094 7.321 4.115 3.131 2.26E-05
200 0.188 7.321 4.115 3.132 4.51E-05
500 0.432 7.322 4.114 3.132 1.04E-04
1000 0.436 7.322 4.114 3.133 1.05E-04

150°C
CpMNB I's MNB Kismne Dy mne hig Tear — To
[ppm] | [mol-kggk s (M3 quia - Mge - s71] x 10* [mfquia - s7*] x 10° [W-m™2-K™1]x 107* T,

1 0.001 7.970 4542 3.053 3.62E-07
10 0.010 7.970 4542 3.053 3.62E-06
20 0.020 7.970 4.542 3.053 7.24E-06
50 0.051 7.971 4.542 3.053 1.85E-05
100 0.102 7.971 4542 3.053 3.69E-05
200 0.203 7.971 4.542 3.054 7.35E-05
500 0.506 7.971 4.542 3.054 1.83E-04

1000 0.574 7.972 4541 3.055 2.08E-04
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As mentioned before, the parameters of the kinetic expressions derived from the
studies of Machado [115] and Relvas et al. [110] [118] do not separate the mass transfer
and chemical reaction characteristics. Mass transfer processes are specific to the
scale/design and to the hydrodynamics of the reaction vessel. In the case of the industrial
scale reactors, the agitation rate is typically lower than in a comparable laboratorial system.
Therefore, mass transfer limitations are here expected to occur in a larger extent and the
kinetic expressions derived from these authors may not be directly applicable to the

industrial reactor studied in this work.

In contrast, the kinetic model proposed by Turek et al. [113] discriminates the
intrinsic kinetics of the corresponding catalytic system, since gas-liquid and liquid-solid
mass transfer processes were evaluated separately through empirical correlations
applicable to the scale and geometry of the related laboratory apparatus. Although this
kinetic expression is suitable for scale-up design, it is specific to a different catalyst from the

one used in the industrial system here considered.

For this industrial process, high nitrobenzene conversions are required, to decrease
the processing costs in the purification units to satisfy the quality standards of the final
product. Consequently, low liquid concentrations of nitrobenzene need to be maintained in
the reactor, and this is likely to induce the appearance of mass transfer limitations for
nitrobenzene, as observed in the laboratory units. To confirm this behaviour, the
nitrobenzene concentration rate evaluated from industrial data can be correlated with the
corresponding estimated mass transfer coefficient, unit the specific properties of the catalyst
and the remaining values of the relevant operating conditions. This information can later be
assembled in a complete mechanistic model for the unit, to predict and interpret this

behaviour. This is considered in the next section.

2.4 Mechanistic model of the industrial reactor

This section presents a mechanistic model for an industrial reactor used for
producing aniline through the nitrobenzene hydrogenation in liquid-phase. This model
comprises a system of nonlinear algebraic equations corresponding to the steady state
mass and energy balances of the process. The solution of the model equations was
performed using the Wolfram Mathematica® software through the constrained Newton’s

method.
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As mentioned in the previous section, this study follows the former work developed
by Neves [23] at Bondalti Chemicals S.A., where the kinetic behaviour of the underlying
reaction system was assessed through distinct mathematical approaches. The
corresponding sensitivity analyses revealed that the reaction rate was mainly influenced by
the liquid-solid mass transfer of nitrobenzene, evidencing that the impact of intraparticle
mass transfer on the reaction performance was not significant. In addition, the author
claimed that the isothermal macroscopic model demanded significantly smaller CPU times,
when compared to the non-isothermal microscopic model, that requires special initialisation
and scaling procedures. Following these observations, the isothermal and macroscopic
approach was considered in the model of the underlying industrial unit. This model
comprises the global and partial mass balances related to the gas, liquid, and solid phases.
In addition, the global energy balance is also included, where the operation of the heat
exchanging devices is regarded in the removal of the heat produced by the reaction. Further
features here considered include the gas induction rate through the hollow shaft of the
impeller and the gas holdup term. This contrasts with the model developed by Neves [23],
where only the hydrogen intake through the reactor headspace is accounted. Nevertheless,
it should be noted that both models assume that no chemical reaction occurs inside the
decanter vessel, due to the low availability of hydrogen therein.

The schematic representation of the reactor is outlined in Figure 2.7. The reactor

total volume includes the reactor headspace (VHS) and by the reaction mixture (VD). The

reaction volume comprises the gas-liquid-solid mixture, where the induced gas is either
transferred to the liquid phase or returned to the reactor headspace as bubbles. The mass
transfer of the reactants is performed from the gas/liquid bulk phases to the catalyst surface,
where the hydrogenation occurs. In case of the industrial reactor, the gas hold up is around
10 to 20 vol.%
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Figure 2.8 — Schematic representation of the industrial reactor.

This model is based on the following main assumptions:

e The reaction mixture is perfectly mixed (i.e., there is a uniform distribution of
gas bubbles and catalyst particles).

e The operation is isothermal, with the reaction heat being removed through

heat exchanger devices.

¢ Hydrogen is transferred from the gas to the liquid phase, while the remaining

components are at equilibrium between the liquid and the gas phases.

e The hydrogenation reaction occurs at the catalyst surface.

e The activation state is the same for all catalyst particles and throughout the
observation period.

¢ No interaction between the catalyst particles is assumed (i.e., agglomeration

phenomena is not considered).

e Steady state operation for the mass transfer and reaction phenomena is

considered.
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The hydrogen partial pressure in the gas phase is estimated assuming vapour-liquid
equilibrium between the reaction liquid mixture and the reactor headspace. Therefore, the
hydrogen partial pressure is calculated as follows:

3
Py, =Pr — Z Py ix; i = Aniline, Water, Nitrobenzene (2.25)
i=1

where Py; and x; are, respectively the vapour pressure and the molar fraction of component
I, and Py is the total pressure of the system. The values of Py; for each component were

determined by the Antoine equation (see Appendix A).
The mechanistic model is described by the following balances:

¢ Global mass balance:
3
Z Gin,i + QHZB MWHZ = Qout PL (226)
i

i = Aniline, Water, Nitrobenzene

Here, Gi,; is the feed mass rate of component i [kg-s™'], Qou @nd py are the
volumetric flowrate [mji,,;q-s™!| and the density of the liquid phase [kgcat® miyouial,
respectively, wy ; is the fraction of the component i in the liquid phase, Qy, is the volumetric

hydrogen consumption in the reactor [Nm3 - s~1], 8 is a volume-to-mole conversion factor

for the gas phase, and MWy, is the molecular weight of hydrogen.

¢ Mass balance to hydrogen in the liquid phase:

Cen
kiap (He 2 — CL,H2> MWy, Vp (1 — €g) =

H, (2.27)

= kLS,Hzacat(CL,Hz - CS,HZ)MWHZVD(l —€g) + Qout PLWLH,

Here, Cgn,, Ciu, and Cgy, are the molar concentrations of hydrogen in the gas,
liquid and solid phase [mol : ml‘iguid], respectively, Hey, is the Henry constant for hydrogen,
Vp is the volume of the gas-liquid mixture [miq]. € is the gas hold up [vol/vol], ky.ay,

[h™]and kysm, [Miquia-me#-s™*] are the gas-liquid and liquid-solid mass transfer
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coefficients related to hydrogen (Equations 2.5 and 2.6, respectively), and a., is the

external area of the catalyst [mZ,. - mg;;4]-
¢ Mass balances to the liquid compounds in the liquid-phase:

Gini = Kisi @cat(CLi — Csi) MW, Vp(1 — €g) + Qour PLWL;

(2.28)
i = Aniline, Water, Nitrobenzene

o Partial mass balances to the solid phase, where equilibrium between the liquid-solid
mass transfer and the catalyst surface reaction rates is assumed:

kisi acat(Cri — Cs;) = 9; rmng Ceat

(2.29)
i = Aniline, Water, Nitrobenzene, Hydrogen

at

Here, ryng is the reaction rate of nitrobenzene [mol - kgzk - s71] and C., is the

concentration of catalyst [kgcac-myayuia], 9; is the stoichiometric coefficient of the

component i.

¢ Global energy balance:

AHprOd = AHOUT + AHHC + AHVB (230)

The terms in this equation are given by:

AI—lprod = ryng Ceat V(1 — €¢) (—AHR) (2.31)
T
BHour = Qou o, [y dT (2.32)
Tr
Twe,out
AHyc = Qcw Pew Cp,H,0 dT (2.33)
Twc,in
Tsteam
AHVB = GC (AHvap,HZO + f Cp,HZOdT) (234)
Tcond

Here, T and Ty [K] are the operating and reference temperatures, respectively.

AHproq, (—AHR), AHpyr, AHyc and AHyg are, respectively, the heat produced by the
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reaction, the reaction enthalpy, the enthalpy of the outlet stream, the heat removed by the
helical coils, and the heat removed by the vertical steam bundles [KW]. Qcw, Pew: are,
respectively, the volumetric flowrate [m3 - s~1] and the density of the cooling water [kg - m3].
CpH,0 and ¢, 1, are the mass specific heats of the cooling water in the helical coils and of the
liquid product stream [] - kg~! - K™1], respectively. G, AHyap 1,00 Tsteam @nd Teong are the

condensate mass flowrate [kg-s~1], the vaporisation enthalpy for water [J-kg~!], and

steam/condensate temperatures [K] in the vertical tube bundles, respectively.

The defined value of T corresponds to the temperature of the feed stream of the
reactor (that considers the combined streams of nitrobenzene and of recycled aniline to the
reaction vessel). By these means, the enthalpy of the feed stream is zero, which justifies its

absence in the global energy balance defined in Equation 2.30.

The volumetric flowrate of the refrigeration helical coils (Q.,) in Equation 2.33 was
obtained through in-field measurements performed during this work. The cooling water
valve of the helical coils is usually kept fully open to guarantee a more efficient removal of
the reaction heat. For this reason, a constant value for the refrigeration flowrate of the helical

coils is considered.

As reported in the previous section, the liquid phase hydrogenation of nitrobenzene
to aniline at the laboratorial scale tends to be limited by mass transfer if specific
experimental conditions are applied. Assuming comparable conditions, the same is
expected at the industrial scale. To confirm this scenario, the overall consumption rate of
nitrobenzene observed in the industrial reactor will be compared to the corresponding
maximal mass transfer rate. In this case, the former value will be determined using the

model developed, while considering a data set collected from the process operation.

2.4.1 Overall nitrobenzene consumption rate

To evaluate the mass transfer limitations of nitrobenzene in the industrial reactor, a
data set of 138 observations from the process operation was gathered during a period of
approximately 700 days. In each observation, the catalyst concentration was measured
through samples collected in the reactor outlet. The accuracy of these measurements was
ensured by first evaluating the sample collection procedure, as well as different laboratorial
techniques to determine this variable. In this case, filtration was the selected technique, due

to its smaller error and better precision, in comparison with other techniques assessed (see
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Appendix B). Note that, whenever a sample collection was performed, the stability of the
process operation was also confirmed in the control room beforehand. In addition, the
nitrobenzene bulk concentration was also measured at the same sampling point; the related
data was reported by the Quality Control laboratory, that analysed the underlying samples
through gas chromatography with a flame ionisation detector (GC-FID).

By considering, in each observation, the state of the process variables and the
offline measurements of the catalyst concentration/nitrobenzene bulk concentration in the
reactor outlet stream, the process model developed is used to estimate the overall

nitrobenzene consumption rate, nyng [mol - s™1]:

Gini — Qout PLWL;i _ 9n
= Vi MnB
MW,

) Qu, B = 9u,NmnB (2.35)

3
(Z Gin,i) + QH2 B MWH2 = Qout PL
i

i = Aniline, Water, Nitrobenzene

Here, Giy,; is the feed flowrate of the component i [kg - s™*], Qo is the volumetric outflow of
the reactor [mjiq - s™*] pi is the density of the liquid phase [kgcac - myayia], wi;i is the
fraction of the component i in the liquid phase, Qy, is the volumetric hydrogen consumption
in the reactor [Nm? - s~'], B is a volume-to-mole conversion factor for the gas phase, MWy,
is the molecular weight of hydrogen, and 9; is the stoichiometric coefficient of the
component i. Based on these data, the observed nitrobenzene consumption rate per unit
mass of catalyst, ryng,obs [mol - kgea; - s~ is determined while considering the measured

values of the catalyst concentration, C.,;, and the liquid volume of the industrial reactor, V.

r _ DNuns

MNB,obs —
’ CeatV]
catVL

(2.36)

If mass transfer limitations of nitrobenzene in the industrial reaction are significant,
Equation 2.36 should provide comparable results with the maximal mass transfer rate of

nitrobenzene, MTRyyg, determined to the industrial scale. To evaluate this, the specific
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external area of the catalyst, ag,; , is first calculated based on the solid density and particle
size distribution from a catalyst sample collected in the outlet stream of the industrial reactor.
The particle size distribution was measured through laser diffraction, where each particle
size, d;, is attributed to a differential volume percentage of the sample collected, f;. By these

means, the specific external area of the catalyst is defined as:

N

& 6 f
Acat = Z( acat fi) = Z (—) (2.37)
¢ =1 ¢ Pcat di

i=1

Combining Equations 2.21 (see section 2.3.3) and 2.37, the maximal mass transfer
rate of nitrobenzene, MTRyyg [mol - kggk - s71], is calculated according to the following

expression:

N
. 6 Kismng,i X fi
MTRwng = (Kismng acat) CLmng = 0 [Z( d'l l) x CL MNB (2.38)
cat =1 1

Here, ki smngi IS the liquid-solid mass transfer coefficient of nitrobenzene based on
Equation 2.6 for a catalyst particle with size d;, while assuming the dimensions of the

industrial reactor.

The mass transfer limitations of nitrobenzene in the industrial reactor can be
assessed by comparing the corresponding average rates of the nitrobenzene consumption
and of the related maximal mass transfer; if similar results are obtained, the nitrobenzene
concentration at the catalyst surface could be neglected (Cpmng — Csmng ~ CLmnB)-
Bearing this in mind, ks qyg Can be estimated through a simple rate model, where the
overall reaction rate, ryyg, is correlated with the specific external area of the industrial

catalyst, ag,; and the measured nitrobenzene bulk concentration, Cp, vng:

_ Duns
I'MNB = C.V.

v kismnB Acat X CpmnB (2.39)
catVL

Attending to the current industrial practice, fresh catalyst make-ups can routinely

occur, especially if the concentration of nitrobenzene starts to increase. This procedure,
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however, can influence the available specific area of the catalyst for mass transfer. For this
reason, the industrial data set used for the estimation of ks yyg CONnsidered an observation
period where a stable values of catalyst concentration and a constant addition of fresh

catalyst were verified. This will be addressed next.

Estimation of kg myg based on industrial data

Figure 2.9 presents the overall nitrobenzene consumption rate, nyyg [mol - s™1]
determined in each observation of the industrial reactor. The corresponding values remain
mostly stabilised between 0.6 and 1.0 a.u. This variation can be caused by the
measurement accuracy of the process variables derived from the instrumentation installed

(i.e., feed flowrates, hydrogen consumption, operating temperature/pressure).

Figure 2.10 shows the evolution of the catalyst concentration during the same
observation period, alongside with the cumulative of catalyst make-ups performed. During
the first 168 days of observation, stable values of the catalyst concentration are verified,
alongside with a moderate frequency of catalyst make-ups. Simultaneously, a high and
stable conversion of nitrobenzene is observed (see Figure 2.11). After that period, however,
the catalyst concentration varies significantly, whilst an increased addition of fresh catalyst
is performed to the system; in this case, the stability of the nitrobenzene conversion is also

affected (see Figure 2.11).
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Figure 2.9 — Overall nitrobenzene consumption rate (nmne) during the overall observation period.
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Figure 2.10 — Measured catalyst concentration (O) and cumulative of catalyst make-ups (<-).
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Figure 2.11 — Measured catalyst concentration (O) and nitrobenzene bulk concentration (®).

Under the premise that catalyst deactivation is here minimised due to the frequency
of catalyst make-ups, it is plausible that the reaction conversion is mainly dependent on the

stability of the catalyst concentration. Representing the observed nitrobenzene

consumption rate per unit mass of catalyst (é’“—”\f) during the overall period of observation

catVL

(see Figure 2.12), constant values are noticed until day 168, period where the consistency
of the catalyst concentration values is reported. During this interval, it is plausible that the
specific external area of the catalyst, a%,, [m2,, - kg1, remained more uniform and, in turn,
the same is expected relatively to the mass transfer of nitrobenzene to the catalyst surface.
Following this idea, the same observation period (1-168) is selected to further evaluate the

significance of mass transfer limitations of nitrobenzene on the overall reaction rate.
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Figure 2.12 — Observed values of nitrobenzene consumption rate per unit mass of catalyst.

Figures 2.13-14 provide a more detailed view of the selected data, presenting the
collection date of the catalyst sample here considered, together with the corresponding
measurements of the catalyst concentration/nitrobenzene bulk concentration, and record of
catalyst make-ups performed. It is possible to verify that the nitrobenzene conversion
remains most stabilised between days 99-168, where the stability of the catalyst
concentration coincides with a more moderate addition of fresh catalyst to the system, in
comparison with the first half of the selected data.
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Figure 2.13 — Catalyst concentration (O) and record of catalyst make-ups (<) (days 1-168).
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Figure 2.14 — Catalyst concentration (O) and nitrobenzene bulk concentration (&) (days 1-168).

Given these results, the average rates of the nitrobenzene consumption per unit
mass of catalyst, T'yng obs, (Equation 2.36) and the maximal mass transfer of nitrobenzene,
MTRyng. (Equation 2.38) were determined, while considering separately the overall period
1-168 and the specific time interval between days 99-168 (Table 2.11). As expected, the
values of Tyng ops did not vary significantly among the periods here considered (see Figure
2.12); on the other hand, it is observed that the predicted MTRyyg is substantially lowered

during period 99-168, when compared to the overall period 1-168. Considering that the
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predicted value of ks yng does not depend significantly on the physical properties of the
liquid mixture (according to Equation 2.6), the value MTRyyg should here be mainly
influenced by the nitrobenzene bulk concentration. Selecting the period 99-168 where
stable and lower nitrobenzene bulk concentrations are verified, similar values between
TMNBobs and MTRyyp are obtained. This result suggests that mass transfer limitations of
nitrobenzene are also pointed to control the overall reaction at the industrial scale. Given
this, the observation period between days 99-168 will be considered to estimate the liquid-
solid mass transfer coefficient, ks yng- TO achieve this, Equation 2.39 is considered (see

section 2.4.1), where the corresponding observed nitrobenzene consumption rate per unit

mass of catalyst, é’Mﬂ

catVL

[mol - kgt - s71] is correlated with the measured value of

nitrobenzene bulk concentration, Cp, yyg. For this purpose, the measured specific catalyst

external area of the industrial catalyst , ag,;, is also considered.

Table 2.11 — Average values of the nitrobenzene consumption and maximal mass transfer rates in

the industrial reactor (days 1-168).

TMNB,obs [a-u.] MTRyng [a.u. ]
Overall period (days 1-168) 0.472 1.345
Days 99-168 0.464 0.360

Table 2.12 presents the estimated value of ks mng , together with the corresponding
p-value and coefficient of determination (R?). R? provides a statistical measurement, ranging
from O to 1, of how close the data are to a given fitter linear regression. The p-value
represents the probability at which the data lead to the null hypothesis, that is, to the
rejection of a given parameter; therefore, the model is statistically significant whether the p-
value of a given estimate is equal or inferior to the level of significance set in advance [124].
In this case, the high value of R? (>0.900) proved a good fit quality of the linear regression,
observing that the corresponding estimate is statistically significant as indicated by the low
p-value (<0.05).
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Table 2.12 — Estimated liquid-solid mass transfer coefficient of nitrobenzene for the industrial reactor.

Parameter Estimate R? p-value Confidence interval
(kismnp X agar) [Miiquia kgeat s 0.180 0.975 | 2.158E-18 [0.167;0.193]
Number of points 22
agar [m? - kg 184
KismnB [mlgiquid mgk s x 10* 9.77

Due to the approximately isothermal conditions of the reaction unit, during this
period the analysis of the Arrhenius equation cannot be applied to estimate the apparent
activation energy. Regardless of that, the significance of nitrobenzene mass transfer
limitations at the industrial scale is also highlighted by noticing the similarity between the
estimated kpsyvng and the corresponding prediction at the laboratorial scale previously

2
Meat

3. .
advanced (7.30 — 7.90) x 10* m‘L“X“; (see Table 2.4).

Furthermore, the prediction of ki gyng in the industrial reactor is also calculated
through Equation 2.6 considering the dimensions and operating conditions of the industrial
vessel, together with the specific density and particle size distribution of the industrial
catalyst sample collected. Table 2.13 shows the predicted value of k;s yyg for the industrial
scale and the corresponding estimated value based on the industrial data previously

presented in Table 2.12.

Table 2.13 — Predicted (Eq. 2.6) and estimated kg yngfor the industrial reactor.

kLS,MNB
[mlsiquid ’ mcz:at ' S_l] x 10*
Industrial scale (predicted) (Eq. 2.6) 4.77
Industrial unit (estimated) (Table 2.12) 9.77

It is observed that the estimated value of ks vng based on the industrial data is

higher than the corresponding prediction based on Equation 2.6, although both values
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present the same order of magnitude. On the other hand, recall that, according to the
authors [67] that developed Equation 2.6, additional studies on large-sized vessels are
required to check the dependence of k ¢ on additional geometric parameters and physical
properties. Given the quality-of-fit of the linear regression presented at Table 2.11, the
estimated ki s yng Should be representative of the present unit. Nonetheless, the update of
this value is recommended as future work through the collection of more extensive data

sets under steady operating conditions and specific catalyst management features.

This way, the overall reaction rate in the industrial unit, ryyg [mol - kggk - s71] is
determined by the mass transfer rate of the limiting reactant, which, in turn, is defined by
the estimated liquid-solid mass transfer coefficient, the specific external area of the catalyst,

and the liquid concentration of nitrobenzene as:

rvng = Kismng X @cae X Cpmng = 0.180 C mng (2.41)

Here, the value 0.180 [mjyq-kgca;®s™*] corresponds to the overall rate constant

(kps MNB acat) Of the industrial reactor.

Once this kinetic expression is included in the process model of the industrial
reactor, the reaction outcome can be readily predicted under a specified operating window.
This enables the development of process monitoring tools, which, in turn, could serve as a
basis for process optimisation. Because of this, the model validation is also here addressed
by evaluating the deviation between the predicted and measured values of nitrobenzene
bulk concentration during the overall observation period performed in the present work. This

is detailed in the model results next.
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2.4.2 Model results

Table 2.14 presents the system parameters, the input variables and the output

variables considered in the model developed to predict the nitrobenzene bulk concentration

in the industrial reactor.

Table 2.14 — Input/output variables and system parameters defined in the model developed.

Parameters Input variables Output variables
dcat Ccat Gout
Pcat Pr WL, ANL
Qew T WL,water
Ge Gin,MNB WL,MNB
N Gin,ANL WLH,
VD Psteam Tcw,out
d Ge
dR Twc,in
S Qu,

Figure 2.15 shows the deviation between the predicted and measured values of

nitrobenzene bulk concentration obtained during the together with observation period, the

cumulative of fresh catalyst additions, together with the frequency of system shutdowns

derived from high contents of unconverted nitrobenzene detected in the reactor outlet

stream.
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Figure 2.15 — Model predictions of nitrobenzene bulk concentration in the industrial reactor (® model

deviation, <~ fresh catalyst additions, & system shutdowns).

Overall, the predicted values of the nitrobenzene bulk concentration are mostly
below the corresponding measures verified in the industrial reactor. Considering the whole-
time lapse of observation, two main periods are distinguished: “Period 17, (days 1 to 200),
where the deviation between the predicted and measured values of nitrobenzene bulk
concentration varies between -0.125 and +0.006 a.u., and “Period 2” (days 200 to 672),
where the same deviation is more significant (-0.330 to +0.058 a.u.). As shown in Figure
2.16, the higher deviations between the predicted and the measured values of nitrobenzene
bulk concentration coincide with catalyst concentrations below 0.1 a.u, when frequent
additions of fresh catalyst are also performed. This scenario is mainly observed during
“Period 2” where the several changes on the blend composition of fresh catalyst used are
also performed (see Figure 2.17), in contrast to “Period 1”. During Period 2, the system
shutdowns (induced with the detection of high nitrobenzene contents in reactor outlet) are

also more frequent, in comparison with Period 1.
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Figure 2.17 - Model predictions of the nitrobenzene bulk concentration in the industrial reactor and

composition of fresh catalyst blends (@ model deviation, =™ composition of fresh catalyst blend, ----

baseline).

These remarks indicate that during this period, when low catalyst concentrations are

combined with high frequencies of catalyst make-up, the model predictability was hindered.
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This result can be explained by the unexpected modification of the specific area of the
catalyst affecting the mass transfer rate of nitrobenzene. On the other hand, if the
concentration of catalyst remains controlled with moderate addition of fresh catalyst, the
specific area of the catalyst should be less disturbed, enabling a better prediction of the
mass transfer rate and, therefore, of the nitrobenzene bulk concentration based on the

model developed.

Due to the mass transfer limitations of the limiting reactant on the present industrial
unit, the improvement of the system productivity should not rely in the increase of the
catalyst activity, but rather on reducing the liquid-solid mass transfer resistance. Major
factors to mitigate this issue include improving the physical properties of the catalyst
suspension, including the catalyst concentration and catalyst size. Minor factors include the

agitation rate and the operating temperature [125].

Next, a sensitivity analysis is presented. This includes the effect of key process

variables on the predicted values of nitrobenzene concentration in the liquid phase.

2.4.3 Sensitivity analysis

To perform this analysis, a case is selected from the observation period considered
in section 2.4.1, where a small deviation between the predicted and measured values of
nitrobenzene bulk concentration is verified. Table 2.15 presents the reference and ranges

of the process variables considered for this exercise.

Table 2.15 — Reference values and ranges used in the sensitivity analysis performed.

Reference variable Value [a.u.] Range [a.u.]
Catalyst concentration 0.28 0.02-1.00
Reactor temperature 0.77 0.70-0.90
Nitrobenzene flowrate 0.54 0.30-1.00
Recycled aniline flowrate 0.60
Agitation rate 1.00 0.70-1.50
Nitrobenzene bulk concentration

Industrial data 0.016

Predicted value 0.021

Figure 2.18 presents the effects of the process variables on the predicted values of

nitrobenzene bulk concentration. The recommended value of 0.05 a.u. to nitrobenzene bulk
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concentration is also represented in the same figure. This value is here assumed, attending
to the quality specifications of the final product and to the separation capacity of the
purification units downstream related to the reaction stage.
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Figure 2.18 — Effect of (A) catalyst concentration, (B) of temperature, (C) of nitrobenzene feed
flowrate, and of (D) agitation rate on the predicted values of nitrobenzene bulk concentration (O

reference values presented in Table 2.15).

The catalyst concentration directly influences the overall external area of the catalyst
for mass transfer. For this reason, the stability of this variable should be maintained to
improve the catalyst addition policy. In this case, the sensitivity analysis indicate that the
catalyst concentration ought to be maintained around 0.10-0.20 a.u to ensure the

stabilisation of the reaction conversion; however, note that this range is attributed to a
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specific blend composition of fresh catalyst used in the time that the underlying observation
was conducted to the industrial reactor. Given this, it becomes probable that the desired
range of catalyst concentration could differ depending on the catalyst addition policy
applied. For that reason, the kinetic model should encompass further process data sets,
under steady and specified catalyst make-up features.

Temperature influences directly on mass transfer and chemical reaction steps.
However, the corresponding effect is pronounced in different extents. In case of mass
transfer processes, temperature only has influence on the fluid properties, while chemical
kinetics is especially sensitive to this variable, according to the Arrhenius equation [38]. In
this case, due to the mass transfer limitations on the overall reaction rate, a minor effect on
the conversion of nitrobenzene is observed. In addition to this, it should be noted that the
production of secondary compounds is promoted with temperature [110] [111], which

demands higher processing costs in the downstream purification units.

Nitrobenzene feed flowrate directly affects the conversion of nitrobenzene, as it
influences the hydraulic retention time in the reaction vessel. As expected, the predicted
nitrobenzene concentration tends to increase when high feed flowrates of nitrobenzene are
applied. In this case, although the corresponding nitrobenzene concentration remains below
the maximal recommended value, note that the steadiness of the catalyst suspension is
also verified. Nonetheless, if an unexpected reduction of the catalyst concentration occurs,
the reaction performance can be compromised if high feed flowrates of nitrobenzene are
applied. Bearing this in mind, a control strategy of the hydraulic retention time is also
addressed in the present work (see section 4.4), with the intention of promoting the stability

of the process.

To describe the effect of the agitation rate on the predicted values of the
nitrobenzene concentration in the liquid phase, its influence on the mass transfer
coefficients is considered. To accomplish this, the ratio between the estimated and
predicted values of ki s qnp at the industrial scale is considered (= 2.05) (see Table 2.13),
which was then used as a factor to the prediction of ks yng (Equation 2.6) and employed
to the process model developed. In this case, a neglectable effect on the reaction
conversion is noticed. Although, from an industrial standpoint, this result could theoretically
benefit the energy consumption costs by reducing the agitation rate, this action is not
recommended since it could compromise the induction of gas in the reaction mixture, as

well as the recovery of catalyst from the decanter through the recirculation stream (see
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section 2.2). Alternatively, the agitation efficiency could be improved by increasing the
power per unit volume of the agitation system by using more effective impellers (e.g. Smith-
type turbines). Another possibility would be enhancing the gas superficial velocity [126].
However, this action would require the reduction of the impeller submergence, which, in

turn, could hinder the gas-liquid mass transfer.

This sensitivity analysis evidences that, apart from the conventional key operating
variables of the process, the catalyst concentration should be especially regarded for
process monitoring. On the other hand, the catalyst properties should be further understood
regarding the physico-chemical changes that this material might undergo during its lifetime.

This issue is addressed in Chapter 3.

In Chapter 4, the analysis of the process operation is addressed, together the
practices involved with the catalyst management. Based on these remarks, the statistical
control of the industrial unit based on the process model is also presented. In addition,

guidelines for process monitoring and control are also detailed.
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3. Catalyst characterisation

In this chapter, the characterisation of the catalyst used in the process is addressed.
This study aims to assess the physico-chemical changes that the catalyst might undergo
during its usage. Therefore, samples of fresh catalyst were compared with those of used

catalyst collected in different sampling points of the industrial unit.

This work also includes the characterisation of the deposited catalyst collected from
the internals of the reaction vessel during a downtime period. The results obtained were
then compared with the samples of suspended catalyst, with the purpose of evaluating the

possible causes to the agglomeration/deposition of this material.

Finally, the magnetic properties (e.g., coercivity and magnetisation saturation) of the
samples of fresh catalyst batches and of the used catalyst collected from different reactors
in the process are also assessed. The goal is to provide new highlights regarding the

improvement of the catalyst management.

3.1 Objectives of the catalyst characterisation

As observed in Chapter 2, the catalyst behaviour can influence the performance of
the underlying system. Catalyst activity within the system is maintained through the
reposition of fresh catalyst, this way compensating the decay of the catalytic properties.
Because of this, the importance of further understanding the physico-chemical features of
this material is here advanced through the application of several characterisation
techniques. By doing this, new insights regarding the catalyst management in the productive

process can be attained.

In the case of the aniline production process of Bondalti, powdered nickel supported
on silica is used as catalyst. The related quality standards of the fresh catalyst required to

the external suppliers are outlined in Table 3.1.
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Table 3.1 — Catalyst specifications for the aniline production process of Bondalti.

Parameter Value
Nickel content [a.u.] >0.30
Specific area [a.u.] >0.60
Mean particle size, Dv(50) [a.u.] >0.67

Apart from the overall catalyst specifications referred, characterisation techniques
can provide addition measurements regarding the physico-chemical profile of the catalyst
material. Examples of these characteristics include [132]:

v the chemical composition of the bulk and surface of the material;

v the catalyst textural and morphological properties (e.g. solid particle size and
distribution, crystalline morphology, porosity, and surface area);

v' the chemical properties measured at the surface of the material including
valence state, acidity, reactivity with different molecules, surface energy, and

surface electronic states;

v' the aggregation properties (e.g., aggregate size, magnetic properties, density,

mechanical strength, and resistance towards attrition);
v the catalytic performance such as activity, selectivity, and activity stability.

Next, a description of the characterisation techniques used in the present study are

presented.
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3.2 Characterisation techniques

The characterisation of the physico-chemical properties of the catalyst will be

addressed considering the following techniques outlined in Table 3.2.

Table 3.2 — Characterisation techniques used in the catalyst studied.

Catalyst characteristic Characterisation Technique

Physical properties

Surface area Nitrogen adsorption (BET)

Particle size, and size distribution Laser diffraction

Surface texture and morphology Scanning electron microscopy (SEM)
Magnetic properties Vibrating sample magnetometry (VSM)

Chemical properties
Bulk composition Atomic absorption (AAS)

CHNS elemental analysis

Surface chemical composition Energy dispersive X-ray spectroscopy (EDS)
Crystallographic structure X-ray diffraction (XRD)
Oxidation state Temperature programmed reduction (TPR)

The surface morphology of the material was analysed through scanning electron
microscopy (SEM) on a Hitachi® SU-70 electronic microscope with an image resolution
scale varying between 600 nm and 60 ym. The same equipment also provided the
measurement of local surface chemical composition through energy dispersive X-ray

spectroscopy analysis (EDS).

The crystallographic structure was determined by X-Ray diffraction analysis (XRD),
performed on a JEOL® 2200FS transmission electronic microscope in the angular range of
10° to 100° (26). This average size of the crystallites was also assessed by applying the

Scherrer equation
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o = KA
Ni ™ BcosO

(3.1)

where dy; is the crystallite size [nm], K is the shape factor [-], A the X-ray wavelength [nm],
B the line broadening at half maximum intensity (FWHM) already with the instrumental
baseline subtracted [rad], 0 is the Bragg angle [rad]. These parameters were provided by

the XRD reports of the different samples studied.

The granulometric analysis was performed by laser diffraction, on a Malvern®

Mastersizer 3000 whose size range varies between 0.01 and 3500 um.

The determination of the specific area was performed by nitrogen adsorption, on a
Micromemeritics® ASAP 2000, using nitrogen at 77K.

The oxidation state of the solid surface, which evidences the metal-support
interaction of the supported catalyst, was analysed by Temperature Programmed Reduction
(TPR). This analysis was performed on an Altamira Instruments® AMI-200. The applied
heating rate was 10°C/min under a volumetric flowrate of 30 cm3(STP)/min of argon with 5
vol.% hydrogen. The hydrogen consumption was monitored through a thermal conductivity
detector (TCD).

The nickel content of each sample was determined through atomic absorption
spectroscopy (AAS). This technique was performed on a Perkin-Elmer® 3000 using a
Perkin-Elmer® Intensity Hallow Cathode lamp with a wave length of 323.2 nm. Each sample
was digested on an HCI 6N solution at 150°C.

The gquantification of lighter elements (i.e. carbon, hydrogen, nitrogen, sulphur) in
the bulk of the solid samples was determined through CHNS elemental analysis. This
characterisation technique was performed on a Truspec® 630-200-200 equipment with
sample weight of 2 mg. The combustion furnace temperature used was 1075°C and the
detection methods used included infrared absorption for carbon, hydrogen and sulphur,

together with thermal conductivity for nitrogen.

The magnetic properties of the catalyst were measured on a vibrating-sample
magnetometer (VSM) Dynacool Quantum Design at room temperature (300K), where each

sample was subjected to a magnetic field varying up to 9T.
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All catalyst samples were analysed in laboratorial facilities external to Bondalti
Chemicals S.A. Before measuring each physico-chemical property, the preparation of each
catalyst sample followed the documented standard procedures related to the

characterisation equipment abovementioned.

In section 3.3, the characterisation study addresses the physico-chemical
differences between the fresh catalyst and the used catalyst in suspension throughout the
reaction stage. To achieve this, one sample in each of the sampling points distributed over
the various streams of the process was collected on the same date. These samples were
then subjected to a filtration procedure to separate the corresponding solids from the liquid
phase. Afterwards, the solids were treated with ethanol to remove any organic residuals
and dried in a stove. In addition, two samples of dried fresh catalyst derived from different
catalyst suppliers were also collected from specific batches used in the production process
during the same period; these samples were collected on the same date, this way providing
a comparison under the same time basis. Apart from the latter set of samples, another
sample collected about five months earlier at the reactor outlet stream was also
characterised with the same techniques. In section 3.4, the characterisation of three other
samples collected from the deposited material founded in the internals of the reactor is also
presented. These samples were withdrawn about three months after the collection date of
the former samples referred. By these means, the characterisation also provides an
overlook of the physico-chemical changes of the catalyst during its lifetime inside the

reaction vessel.

In section 3.5, the magnetic properties of the catalyst (e.g., coercivity and
magnetisation saturation) are evaluated in more detail considering several samples from
the lots provided by two different suppliers, previously used in the production process. In
this case, one sample per lot was considered. In addition, the effect of the reduction
temperature on the magnetic properties of the fresh catalyst was also evaluated. For this
purpose, ten samples from a selected lot were considered; while one served as blank

sample, the remaining nine were reheated at different reduction temperatures.

The latter section also addresses the effect of different blend compositions of fresh
catalyst on the coercivity. Besides that, the temporal evolution of the coercivity in the
suspended catalyst was also evaluated measuring this property from several samples
collected from the outlet stream of different reactors; in this case, each reactor was fed with

a specific blend composition of fresh catalyst. By doing this, the improvement of the catalyst
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management by suggesting an improved blend composition of fresh catalyst to add to the

system.
3.3 Characterisation of the fresh catalyst and of the suspended

catalyst

The sampling sites of the different process streams are represented in Figure 3.1,

from where the catalyst samples were collected and characterised.
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valve

Recycled product
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Figure 3.1 — Representation of the sampling sites in the reactor-decanter system.

F1 and F2 represent two different samples of fresh catalyst used in the underlying
process. Each one is specific different catalyst supplier. X, Y, and Z refer to different
samples of used catalyst withdrawn from the streams of the recycled aniline circuit, the
reactor outlet, and the decanter outlet, respectively. These samples, together with samples
F1 and F2, were collected on the same date. On the other hand, sample YO, derived from
the reactor outlet stream, was collected about five months earlier than the remaining

samples referred.
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3.3.1 Scanning Electron Microscopy/Energy Dispersive X-ray emission
spectroscopy (SEM-EDS)

The SEM-EDS technique allows examining the surface morphology of the material
and the analysis of the chemical composition in a semi-quantitative way. The SEM images
obtained for the fresh and used catalysts are shown in Figure 3.2. In the 0.5K-magnified
images, catalyst particles collected at the outlet stream of the reactor (YO/Y) are visibly
distinguishable from those of the remaining streams, showing higher homogeneity either in
size, or in shape. As can be seen, the main difference inferred from these pictures is that
sample YO has a smaller particle size, when compared to sample Y. In the 10K- and 50K-
magnified images, sample Y presents needle-shaped nanostructures, in contrast to the
particles from sample YO, whose surface is similar to the samples of the remaining streams,

revealing rounded-shaped nanoparticles.
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Figure 3.2 — SEM images of the samples of catalyst studied: fresh catalyst — F1/F2-, and used

catalyst collected from recycled aniline stream (X), reactor outlet (Y0/Y), and decanter outlet (2).

The EDS spectra and the corresponding chemical composition are outlined in Figure

3.3 and Table 3.3. In the case of the samples of fresh catalyst, the presence of aluminum
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is observed only in F2. This result was expected, as the F2 catalyst presents alumina in its
catalyst support formulation. Comparing the catalyst collected from the recycled aniline (X)
and the decanter outlet (Z) streams, it can be observed that the contents of nickel and
aluminum in sample X are, respectively, 5% and 14% lower than those observed in sample
Z. On the other hand, the silicon content is 15% higher in sample X than that of sample Z.

Considering the samples collected at the reactor outlet stream, sample YO displays
a Ni/Si ratio about one order of magnitude greater than sample Y, wherein YO presents a
content of silicon about 86% lower than Y. On the other hand, note that Y presents a Ni/Si
ratio like in fresh catalysts F1/F2. This result may suggest the loss of silica support, due t to
the milling of catalyst particles caused by the reactor agitation [23]. In fact, this phenomenon
is normally attributed to fluid or slurry beds [133]. In contrast, the smaller Ni/Si ratios found
in both recycled aniline and the decanter outlet streams (samples X and Z) can indicate that
the catalyst silica-based support exits the reaction stage, and it is maintained on the
recycled aniline stream. However, note that EDS is a semi-quantitative technique that
uniquely quantifies the chemical composition at a specific point on the surface; therefore,
atomic absorption was used to determine the nickel content of each sample, as this
technique enables the measurement of the bulk composition of the material. The
corresponding results are presented next.
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Figure 3.3 — EDS spectra of the samples of catalyst studied: fresh catalysts F1/F2 and used catalyst

collect from the process streams X/YO/Y/Z.
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Table 3.3 — Elemental analysis determined through EDS of the samples of catalyst studied.

Sample EDS [a.ul Ni/Si
Ni Al Si Fe c 0 L]

F1 0.423 0.020 0.044 0.014 1.10
F2 0.449 0.014 0.009 0.013 0.015 2.65

X 0.368 0.006 0.046 0.002 0.029 0.049 0.40
Y0 0.446 0.002 0.024 0.029 12.40

Y 0.456 0.002 0.014 0.021 0.008 1.60
0.388 0.007 0.040 0.002 0.029 0.033 0.50

3.3.2 Atomic absorption

The technigue of atomic absorption provides the quantification of the bulk nickel
composition in each sample. Table 3.4 exhibits the nickel content obtained through atomic
absorption in the different samples studied. In the case of fresh catalysts F1 and F2, the
corresponding values of nickel content meet the technical specification required by Bondalti
(>0.30 a.u.). Note that the nickel content of F2 is 8% higher than that of F1. Considering the
data reported in the inspection certificates of the batches from where F1 and F2 samples
were collected, the measured nickel content in F1 (0.312 a.u.) is lower than of the
corresponding batch provided by the supplier (0.360 a.u.), whereas in the case of F2 the
measured value (0.337 a.u.) is slightly higher than the corresponding batch provided by the
supplier (0.320 a.u.).

These values are lower than the corresponding values obtained through EDS. As
said before, EDS only evaluates the composition at a specific point on the material surface,
besides being semi-quantitative, whereas atomic absorption quantifies the bulk composition
of the sample. However, both techniques display an analogous trend of results: higher
nickel content in the catalyst exiting the reactor, followed by the fresh catalysts F1/F2, the
catalyst in the decanter outlet (Z) and finally the catalyst collected in the recycled aniline
stream (X). This result reinforces the scenario of nickel enrichment of the catalyst particles
in suspension in the reaction vessel, together with the loss of silica support through the

decanter outlet and recycled aniline streams.
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Table 3.4 — Nickel content determined through atomic absorption of the samples of catalyst studied.

Sample Atomic absorption
Ni [a.u.]
Fl 0.312
F2 0.337
X 0.232
Yo 0.447
v 0.391
z 0.260

3.3.3 X-Ray diffraction (XRD)

This characterization technigue enables the crystallographic analysis of the material.
Figure 3.4 shows the corresponding XRD diffractograms of the fresh and used catalyst
samples. In the case of the fresh catalysts, only the sample F2 shows a peak of crystalline

silica (SiOz) (26=27°); on the other hand, the corresponding peaks of metallic nickel (Ni) (26

positions of 45°, 52°, 76°, 92° and 98°) are less intense when compared to the XRD
diffractogram of the F1 sample. This result, together with the corresponding ones obtained
through EDS and atomic absorption analyses, suggests that the F2 catalyst may have a
higher fraction of nickel in its amorphous form. In the case of used catalyst, the peak of
nickel silicate (3:4) (NissiZOS(OH)4) (206=12°) is always detected. Amongst the samples

studied, the metallic-nickel peaks are more relevant in the case of the used catalyst
withdrawn from the reactor outlet. Furthermore, it should be mentioned that the
corresponding peak for metallic nickel is more intense in sample YO than in sample Y. This
result complements those from EDS and atomic absorption analyses, suggesting that the
suspended particles in the reaction vessel may undergo a process of nickel enrichment,

presenting a higher fraction of nickel crystallites.

The quantification of crystalline species obtained by the Reference Intensity Ratio
method (RIR) is registered in Table 3.5. In the case of fresh catalysts, one observes a higher
fraction of NiO and a lower fraction of Ni in the F2 catalyst, in comparison with F1. This
result is consistent with the higher intensity peak of metallic nickel obtained in the F1

diffractogram.
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In the case of the used catalyst, the species Ni3Si205(OH)4 is detected in all sampling

sites, especially at the recycled aniline (X) and at the decanter outlet (Z) streams. Since this
species is attributed to a stronger metal-support interaction when compared to the other
nickel-derivate species detected, this result corroborates the latter analyses that indicated

the incidence of silica catalyst support on these streams.

Ni(OH), Ni(OH), Ni Ni i Ni Ni  Ni
Ni,Si,05(OH), Si0 NO N

4 Jo A

A — X
M —R
I — —F
10 20 30 40 50 60 70 80 90 100

Position 26 [°]

Figure 3.4 — XRD diffractograms of the fresh catalysts F1 and F2 and used catalysts collected at X,
Y, YO, and Z sampling points.

Table 3.5 - Quantitative analysis of the crystalline species identified through XRD (RIR method).

Crystallographic composition [a.u.]
Sample
Ni NiO Sio, Ni(CH), Ni,Si,O_(OH),

F1 0.340 0.160

F2 0.155 0.220 0.125

X 0.105 0.310 0.085
YO 0.480 0.020

Y 0.465 0.015 0.020

Z 0.415 0.020 0.070

3.3.4 Granulometric analysis

The granulometric analysis using laser diffraction allows the determination of particle

size distribution (PSD) of a given material. This technique measures the intensity of the light
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scattered, as a laser beam passes through a dispersed particulate material; the gathered
data is then analysed with the purpose of calculating the size of the particles, based on the
scattering pattern created. The PSD results obtained could be either expressed in volume,
surface, or number basis. This method is particularly useful for classifying catalyst powders
whose particle size may vary significantly, depending on their origin [132] [134].

The particle size distributions and mean particle size obtained are presented in
Figure 3.5 and Table 3.6, respectively. In general, the particle size distributions of samples
F1, X, YO and Y revealed monomodal profiles, while samples F2 and Z present a bimodal

profile.

The cumulative curves of the fresh catalysts show that catalyst F1 presents a higher
fraction of particle fines than catalyst F2. The monomodal profiles obtained for samples YO
and Y is coherent with the homogeneity of particle sizes observed by SEM analysis.
Nonetheless, sample YO has an average patrticle size approximately 12% lower than sample
Y. The cumulative size distributions show that all particles from samples X and Z have an
average size below 1.67 a.u. In contrast, the same size grade gathers approximately 90
vol.% of the particles from samples Y and YO. This result shows that the smaller particles
from the reactor outlet tend to exit through the outlet stream of the decanter.

For particle sizes below 1.00 a.u., the catalyst particles collected in the recycled
aniline stream (X) tend to be finer, in comparison with those withdrawn from the decanter
outlet (Z). This fact evidence that the reservoir, present in the recycled aniline stream (see
Figure 3.1), may work as a secondary settling unit, sending particle fines to the recycled

aniline stream.

The volumetric average sizes outlined in Table 3.6 allow to evidence that both fresh
catalysts studied meet the technical specifications of Bondalti (>0.67 a.u.). However, it
should be noted that the average size of F1 is around 24% smaller than that of F2. The
measured average sizes of catalysts F1 and F2 are, respectively, about 21% and 50%
below the corresponding values reported in the inspection certificates of the related

batches.
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Figure 3.5 — Particle size distributions (particle volume distribution (top) and cumulative volume

distribution (bottom)) of fresh catalysts F1 and F2 and of used catalysts collected at recycled aniline

(X), reactor outlet (YO/Y), and decanted outlet (Z) streams.

Table 3.6 — Mean patrticle size of the samples studied.

Sample Dv(50) [a.u.]
F1 0.79
F2 1.03
X 0.15
YO 0.87
Y 0.99
z 0.25
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3.3.5 BET analysis

This technique is widely used for measuring the internal surface area of mesoporous
solid materials in the range of 1 to 1200 m?/g. The concept of this analysis is based on the
adsorption and condensation of nitrogen on the porous structure under relatively low

pressures [132].

The results of the specific area, pore volume and pore size are in Table 3.7. Both
samples of fresh catalyst meet the technical specification required (>0.60 a.u.). According
to the inspection certificates of the fresh catalysts F1 and F2, the reported values of specific
area (0.87 and 0.94 a.u., respectively) are above the measured values (0.76 and 0.75 a.u.,

respectively).

The BET specific area of the catalyst collected in the process streams is significantly
lower than in the fresh catalyst samples studied. In the case of the catalysts collected at the
recycled aniline and decanter outlet streams, the specific area is 34% lower, whereas for
the catalyst withdrawn from the reactor outlet the specific area is 90% lower, in comparison
with the fresh catalysts studied.

This significant decrease of the specific area of the suspended catalyst particles in
the reaction vessel suggests the occurrence of substantial modifications on their pore
structure, in comparison with the fresh catalyst. The results obtained through EDS, atomic
absorption and XRD analyses indicate that these particles tend to lose their silica support
due to the mechanical attrition, thus enhancing their composition in crystalline nickel [135].
The same reason justifies the reduction of the pore volume to about one tenth on the
samples YO and Y; another possible cause for the reduction of both specific area and pore

volume is pore blockage by organic material derived from the reaction mixture [35].

Table 3.7 — BET analysis results of the catalyst samples studied.

Sele BET analysis
Specific area [a.u.] Pore volume [a.u.]
F1 0.76 0.38
F2 0.75 0.56
X 0.49 0.72
YO 0.05 0.06
Y 0.08 0.10
z 0.31 0.46
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3.3.6 Temperature Programmed Reduction (TPR)

The TPR characterisation technique is one of the most used thermo-analytical
techniques in the characterisation of solid materials. In general, these techniques allow the
measurement of the energy/mass consumed or released by the solid under study, while
varying the temperature. In this technique, a flow of a reducing gas mixture (i.e., nitrogen
or argon with a small fraction of hydrogen or carbon monoxide) is applied to a solid material,
while the temperature is linearly increased. This experiment allows the measurement of the
consumption of the reducing agent, thus the degree of reduction and, consequently, the
surface oxidation state of the solid material [136]. The peak temperatures observed in a
TPR profile of supported catalysts can be used to evaluate the strength of metal—-support

interactions [137].

Figure 3.6 shows the TPR profiles obtained with the catalyst samples studied. In
general, two main peaks of hydrogen consumption can be observed: a low-temperature
peak (250-350°C) and another at a high-temperature range (600-800°C). The former is
typically associated to the reduction of species with higher oxidation potential, possibly
attributed to the reduction of NiO to Ni. The unique presence of NiO in the fresh catalyst
samples observed by XRD is coherent with the TPR low-temperature peak detected only in
the TPR of the same catalyst samples.

The second peak may be related to the reduction of the species NiBSizos(OH)A,

whose interaction with the catalyst support is stronger. Although this species is not identified
in the fresh catalyst through XRD analysis, it may still be present in its amorphous form,
thus explaining the TPR profiles in these samples. It should be noted that the high-
temperature peak is larger in the used catalyst than in the fresh catalyst samples, which
matches the greater fraction of crystalline Ni Si O_(OH), detected through XRD in the

former ones.

Attending to the TPR profiles of the catalyst exiting the reactor, it is observed that
the sample YO is far more reduced than in sample Y. This result can be explained by the
higher content of crystalline Ni detected in the sample YO through XRD analysis. On the

other hand, the higher H, consumption in the sample Y is coherent with the presence of the

species Ni(OH)2 evidenced by XRD.

Monitoring and improvement of a multi-phase reaction system 114



1.0

0.8 T

0.4 T

H, consumption [mmol- g1 s1] x 103

0 100 200 300 400 500 600 700 800 900 1000

—1] ——F2 Temperature [°C]

1.0

0.8 +

0.6 +

0.4 T

0.2 T

H, consumption [mmol- g1- s1] x 103

0.0 el e + : ; ; ; ;
0 100 200 300 400 500 600 700 800 900 1000

— X —_7 Temperature [°C]

., 10

o

-

X

% 0.8 T

)

)

g 06T

E

c

i=l

g 04t

£

p=}

[%2]

o

3 02+

N

T

0.0 u + T t t + t t =
0 100 200 300 400 500 600 700 800 900 1000
—Y ——Y(0 Temperature [°C]

Figure 3.6 - TPR profiles for the fresh catalysts (F1/F2) and used catalyst collected at the recycled

aniline (X), decanter outlet (Z), and reactor outlet (YO/Y) streams.
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3.3.7 Magnetic analysis

Magnetism is related to the motion phenomena of electric charges in materials
whenever these are exposed to a magnetic field. The magnetic behaviour of a material
relies on its capacity of revealing collective interaction of magnetic moments along its atomic
structure [138]. The orientation of these magnetic moments will consequently describe the
magnetic behaviour of the material. In general, five types of magnetic behaviour can be
distinguished: diamagnetism, paramagnetism, antiferromagnetism, ferromagnetism, and
ferrimagnetism. While the first two refers to materials with no (or insignificant) collective

magnetic interaction, the latter groups are attributed to large-order net magnetisation [138].

In the case of ferromagnetic materials, these materials display permanent magnetic
moments in the absence of an external field. This property is usually referred to as
spontaneous magnetisation, which is attributed to transition metals such as nickel, iron,
cobalt, and some alloys of rare earth elements [138]. The alignment of magnetic moments
in these materials is confined to a certain volume fraction designated as domain. Each
domain has its own magnetic dipole, and it can be adjacent to other domains depending on
the grain size of the ferromagnetic material (see Figure 3.7). The net alignment of all
domains will then determine the degree of magnetisation of a ferromagnetic material [139].

Domain

—

Another domain

Figure 3.7 — Representation of magnetic domains in a ferromagnetic material (absence of external
field).

The behaviour of a ferromagnetic material is also influenced by the temperature.

Increasing temperatures enhance the thermal vibration of atoms, thereby inhibiting
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magnetisation; this tendency reaches a maximum, where no magnetisation occurs — the
corresponding temperature is called the Curie Temperature. This parameter depends on
the type of material. Iron, cobalt, and nickel present values of 768°C, 1120°C, and 358°C,
for this parameter, respectively [138].

Analogously to the effect of temperature, the alignment of magnetic moments can
be hindered due to the size of ferromagnetic crystallites. If this size goes below a certain
critical value, no magnetisation occurs, and the material is superparamagnetic [140]. In
addition to this, magnetisation can be also conditioned by the crystallinity degree of the
ferromagnetic material which constrains the alignment of the magnetic moments. This

property is called magnetic anisotropy [139] [141].

Oxidised forms of typical ferromagnetic elements have their magnetic atomic
moments distributed in an antiparallel alignment, thereby leading to zero magnetisation.
These compounds are designated as antiferromagnetic and examples include NiO, MnO,
and Fe 0, (hematite) [140].

The magnetic properties of the material can be obtained through the magnetic
hysteresis loop (M-H curve), representing the magnetisation (M) of a material towards a
magnetic field applied (H) (see Figure 3.8). By inducing an external magnetic field (H), each
domain of the material begins to be oriented towards the direction of the applied field (initial
magnetisation). When no further magnetisation is possible, the full alignment of all domains
of the material is obtained - saturation magnetisation (Ms); from this point, the magnetic field
is reversed, gradually demagnetising the material, wherein a distinct profile from the
previous magnetisation step is observed. This behaviour is called hysteresis, and it may be
derived from the motion of the domain boundaries from which new domains are formed and
developed at the expense of the previous magnetic alignment. Once all the field is removed,
the ferromagnetic material displays a new configuration of domains thus exhibiting a
magnetisation of remanence (M;). To fully demagnetise the material, a magnetic field must
be applied in the opposite direction of the original one, which is denominated as coercivity

or coercive force (Hc) [141].
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Figure 3.8 — Schematic representation of a M-H curve of a ferromagnetic material (adapted from
[141]).

Ferromagnetic materials can be classified either as hard, semi-hard, or soft
magnets, depending on their characteristic hysteresis [141]. Generally, hard magnets (or
permanent magnets) are attributed to materials that present significant resistance to
demagnetisation. The latter materials have coercivities above 125 Oe. Semi-hard magnets,
on the other hand, have lower coercivities (13-125 Oe) than permanent magnets, thus being
suitable for producing magnetic recording materials - their coercivity still enables them to
retain information (magnetic memory), however it is low enough to allow the
demagnetisation of the material with relatively low magnetic fields (e.g., erasable
magnetisation). Soft magnets are easily magnetised and demagnetised, due to their low
coercivity (less than 13 Oe) [141].

In other words, the coercivity dictates how resistant a material can be towards
demagnetisation. This property is dependent on the ferromagnetic grain size, the crystalline
structure, the presence of antiferromagnetic compounds and the temperature conditions
[141]. Figure 3.9 outlines the coercivity-size dependency of a ferromagnetic material, along

with the critical diameters for the superparamagnetic behaviour (dSP) and multidomain state
(dC). For particle sizes below dsp, the thermal energy is greater than the magnetic dipole

energy. In this case, the material is unable to sustain any magnetic domain and therefore it
has no net alignment of magnetic moments, thus presenting zero coercivity

(superparamagnetic state). For particle sizes between dsp, and dc, a single domain prevails
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and the coercivity increases with particle size. For particle sizes larger than dc, the
ferromagnetic material presents multi magnetic domains and a decreasing coercivity with
size is observed, owing to the lower net magnetisation. Examples of ferromagnetic materials
and the corresponding values of dsp and dc are presented in Figure 3.10. In the case of
nickel, it is verified that the corresponding nanoparticles can display a single ferromagnetic
domain from sizes up to 30 nm, and multi ferromagnetic domains are formed for sizes
ranging from 30 to 85 nm.

SUPERPARAMAGNETIC FERROMAGNETIC

» &
< > <

v

4 No domain Single domain Multidomain

Coercivity

>
>

! i Magnetic particle size
dsp de

0 20 40 60 80 100 120

Particle diameter [nm]

Figure 3.10 — Critical magnetic particle sizes related to the superparamagnetic and single domain
behaviour (adapted from [142]).

Monitoring and improvement of a multi-phase reaction system 119



As previously stated, the magnetic behaviour of nickel nanoparticles can be
measured depending on their (1) mass, (2) crystalline structure, (3) temperature conditions
and (4) grain size. The results obtained through EDS, atomic absorption, and XRD
evidenced that the catalyst particles inside the reactor tend to display an increasing content
of crystalline nickel with time. On the other hand, note that the temperature conditions of
the reaction vessel are considerably below the temperature of Curie for nickel; therefore,
the factors (1), (2) and (3) can favourably contribute towards a ferromagnetic behaviour of
nickel nanoparticles. The average size of the nickel crystallites can be obtained by applying
the Scherrer equation (see section 3.2) considering the peak related to metallic nickel in the
XRD-diffractogram of each sample; Table 3.8 outlines the average size of the nickel

crystallites in the of fresh and used catalysts samples studied.

Table 3.8 - Average size of nickel crystallites in the samples of fresh catalyst (F1/F2) and of used
catalyst (X/YO0/Y/Z).

Sample Nickel crystallite [nm]
F1 16
F2 19
X 41
YO 50
Y 44
z 26

According to Figure 3.10, bulk nickel nanoparticles can display a single
ferromagnetic domain from sizes up to 30 nm, and multi ferromagnetic domains appear for
sizes ranging from 30 to 85 nm. It should be noted that, in the single domain region, the
resistance towards demagnetisation (coercivity) increases with nickel nanoparticle size,
whereas in the multidomain region the opposite tendency is verified. Therefore, considering
the results displayed in Table 3.8, fresh catalysts F1/F2 can be either superparamagnetic
(i.e., neglectable coercivity), or ferromagnetic (single domain); on the other hand, in the
case of used catalysts, nickel nanoparticles can be ferromagnetic (single or multi domain).
To confirm this hypothesis, magnetic measurements on the latter catalyst samples were
performed. M-H curves obtained at 300K for the samples F1, F2, X, YO, Y, and Z, together
with the corresponding values of coercivity and of saturation magnetisation are presented

in Figure 3.11.
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Amongst the various samples studied, note that the values of the saturation
magnetisation of the catalyst withdrawn from the reactor (samples YO0/Y) are close to what
is expected for bulk nickel (55 A-m%kg [138]). This result is consistent with the significant
nickel content found on these samples, evidenced by the atomic absorption and EDS
analyses. Considering the fresh (F1/F2) and used catalysts collected at the recycled aniline
and decanter outlet streams (X/Z), these samples coarsely display the same saturation
magnetisation, whose values are lower than bulk nickel; in the case of the fresh catalysts,
this result can be attributed to the significant content of crystalline NiO (antiferromagnetic
specie); in the case of the samples X and Z, their lower values of saturation magnetisation
can be explained by the lesser content of bulk nickel, in comparison with the remaining

samples.

As for the coercivity results, samples F1, X, YO, Y, and Z presented values one order
of magnitude higher than in F2. In the case of samples F1, YO, Y and Z, these results are
justified by the higher fraction of crystalline nickel determined through XRD (0.34, 0.48, 0.47
and 0.42 a.u., respectively), in comparison with the sample F2 that accounts for only 0.16
a.u. In the case of sample X, the greater coercivity is possibly attributed to the higher size
of the nickel crystallite, in comparison with sample F2.
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Figure 3.11 — Magnetic analysis performed at 300K for the samples of fresh and used catalyst

studied.
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Considering the latter coercivity measurements, all catalyst samples studied can be
classified as semi-hard magnetic materials, except sample Z, whose coercivity is
characteristic of a hard magnet. This scenario highlights the likelihood of nickel particles
becoming resistant to demagnetisation with time, thus potentially promoting their
agglomeration and deposition within the system.

3.3.8 Global analysis of the characterisation studies

The characterisation of the catalyst collected from the different process streams
allowed to evidence the physico-chemical changes of this material throughout the reactor-
decanter system. According to the SEM analysis, the suspended catalyst particles exiting
the reactor display greater homogeneity in size and shape, when compared to the fresh
catalyst. According to the granulometric analysis, the catalyst particles from the reactor
outlet display a greater average size, presenting a lesser fraction of particle fines, in
comparison with the samples collected in the remaining streams of the process. EDS and
atomic absorption analyses indicate, respectively, a higher Ni/Si ratio and Ni content, in the
reactor outlet stream than in the other streams of the process. Therefore, it is plausible that
the catalyst may lose its silica support within the reactor, possibly due to the reactor
agitation.

According to the XRD results, the average size of the nickel crystallites (=50nm) in
the catalyst suspended in the reactor is about twice the average size of the nickel crystallites
in the catalyst collected at the decanter outlet. Therefore, if the catalyst particles are
progressively reduced due to the attrition caused by the reactor agitation, catalyst fragments
with larger nickel crystallites tend to be retained inside the reaction vessel, whilst catalyst
fines with smaller nickel crystallites escape easily from the decanter outlet. This hypothesis
of catalyst attrition is also evidenced by the granulometric analysis performed in the catalyst
collected at the decanter outlet, where a higher fraction of particle fines was found, in
comparison with the catalyst particles inside the reaction vessel. In turn, the catalyst
collected at the recycled aniline stream presented a higher fraction of particle fines than in
the decanter outlet. Such result further indicates that the reservoir of recycled aniline circuit

may function as a secondary settling tank.

Apart from the reduction in particle size, a decrease of the specific area in the
catalyst collected at both the reactor (YO/Y) and the decanter outlet (Z) streams was

observed, in comparison with the fresh catalyst samples; this result, together with the higher
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fraction of crystalline nickel determined on the former samples through XRD analysis,
suggests that the packing of metallic particles is more significant in samples YO0,Y and Z. In
the case of catalyst collected at the recycled aniline stream (X), the reduction of the specific
area was less significant, in comparison with the fresh catalysts; the smaller fraction of
crystalline nickel in sample X evidenced by XRD analysis, in comparison with the fresh
catalysts, indicates that nickel present therein is mainly amorphous, thereby promoting a
less significantly packing of the metallic particles. Another possible cause for the specific
area reduction is pore blockage, owing to the thermic decomposition of organic compounds.
However, this hypothesis was not confirmed in the present study due to the lack of additional

analyses performed on these samples (e.g., CHNS elemental analysis).

TPR profiles show that hydrogen consumption on the fresh catalyst occurred mainly
at lower temperatures, in contrast to the used catalyst, where the consumption of hydrogen
is only significant at higher temperatures. This result indicates that the latter are more

reduced than the fresh catalysts studied.

The magnetic measurements performed evidence further differences among the
catalyst samples studied. In the case of fresh catalysts, F1 presents a coercivity value one
order of magnitude greater than in F2; despite displaying the same average size of nickel
crystallites, F1 presents a higher fraction of crystalline nickel, which suggests that magnetic
anisotropy is more significant, thereby explaining the greater coercivity in F1. Nevertheless,
both fresh catalysts present the same saturation magnetisation, which is coherent with the
similar fractions of bulk nickel (ferromagnetic material) and crystalline NiO
(antiferromagnetic specie), obtained through atomic absorption and XRD analyses,
respectively. In the case of used catalysts, the coercivity values are of the same order of
magnitude as F1; this result can be explained by their significant fraction of crystalline nickel,
except with the catalyst collected at the recycled aniline stream, whose coercivity can be
attributed to its average size nickel crystallite, which is comparable to the catalyst particles
collected at the reactor outlet. Note that the catalyst samples withdrawn from the reactor
outlet stream show a higher saturation magnetisation than in the catalyst collected at the
recycled aniline and decanter outlet streams, and close to the corresponding value of bulk
nickel. This result is coherent with the greater nickel content of the catalyst inside the

reaction vessel, as evidenced through the results of atomic absorption.

As mentioned before, all catalyst samples studied can be denoted as semi-hard

magnetic materials, except for catalyst sample collected at the decanter outlet which can
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be categorised as a hard magnet. This scenario suggests that, in general, the catalyst
material tends to be magnetised over time which, in turn, may justify the formation of catalyst
deposits in the internals of the reactor studied. The characterisation of these materials will

be presented next.

3.4 Characterisation of the deposited catalyst

This section presents a characterisation of the solids deposited in the internals of
the reactor, detected during a shutdown period. With that purpose, two samples (A/B) were
collected from the outer surface of the tube bundles, and another one (C) from the
temperature probe, located above the level of the mixture, as represented in Figure 3.12.
The samples A and B are distinguishable from sample C, wherein the former ones
presented a muddy appearance, in contrast to the latter which exhibited a greater rigidity.

» Temperature probe

Tube bundles

Helical coils

Figure 3.12 — Location of the samples of deposited solids collected at the internals of the reactor.

The preparation of each sample for physico-chemical characterisation is important
so that they can be properly introduced in the analytical equipment. The analysis also
intends to evaluate uncommon components present in the solid phase. Therefore, each
sample was submitted to a laboratorial procedure, as shown in Figure 3.13. Firstly, each
sample was introduced in a agitated vessel with aniline at 150°C. Then, a filtration step was
applied which allows the separation of the initial sample in two main fractions: the soluble

(liquid) and the insoluble (solid) in aniline.
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The aniline-soluble fraction was distilled at 150°C and 100 mbar, with the purpose
of evaluating the existence of non-volatile compounds in such conditions. No bottom residue
was observed. As such, the corresponding distillate was analysed through gas
chromatography with a flame ionisation detector (GC-FID). The aniline-insoluble fraction,
after being carefully washed with ethanol and conditioned in a stove for 8h, was
characterized through SEM-EDS, atomic absorption, XRD diffraction, laser diffraction,

CHNS elemental analysis, and magnetic analysis.

SEM-EDS
Atomic absorption
XRD
l > Granulometric analysis
Aniline Insoluble fraction CHNS elemental analysis
(150°C) Magnetic analysis
> VOC's :> | GC-FID
> Vacuum filtration
Sample Distillation
150°C

- 100 mbar

Soluble fraction
— Non-vOC's x

Sample Aniline-soluble fraction [wt. %]
A 56
B 52
C 80

Figure 3.13 — Laboratorial pre-treatment of the samples collected at the internals of the reactor.

3.4.1 Characterisation of the aniline-soluble fraction of the samples A/B/C

The aniline-soluble fraction of the samples A/B/C was analysed through GC-FID,
using processed aniline as the extraction solvent. The corresponding composition was
determined through mass balances, by knowing the composition of the processed aniline
beforehand (see Table 3.8). The values of Dicyclohexylamine (DICHA) in all samples, and

the amount of Cyclohexylidene-aniline (CHENO) in sample C, were omitted (*), since the
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values obtained were below the ones measured in the processed aniline (blank); this result

was possibly derived from a procedure/analytical error.

The mass composition of aniline-soluble fractions of samples A/B are similar,
whereas sample C differs by presenting lower concentrations of cyclohexylamine and
cyclohexanol and a significant content of MNB.

Since no abnormal peaks were detected in these samples, apart from the typical
compounds found in the process, a plausible cause for catalyst deposition could not be

attributed to the compounds present in the aniline-soluble fraction.

Table 3.9 - GC-FID results of the aniline-soluble fraction of A/B/C samples.

Compound Composition [a.u.]
A B C Blank (Aniline)
Benzene 0.002 0.002 0.000 0.000
Cyclohexylamine 0.157 0.138 0.022 0.022
Cyclohexanol 0.229 0.212 0.043 0.065
Cyclohexanone 0.056 0.084 0.002 0.040
Nitrobenzene 0.000 0.000 0.426 0.004
Dicyclohexylamine * * * 0.071
Cyclohexylidene-aniline 0.026 0.037 * 0.262
Cyclohexyl-Aniline 0.030 0.027 0.007 0.036

3.4.2 Characterisation of the aniline-insoluble fraction of the samples A/B/C
SEM-EDS

The SEM images of the aniline-insoluble fraction are outlined in Figure 3.14. In the
0.5K-magnified images, one verifies that samples A/B present higher homogeneity both in
size and shape, as well a smaller average size when compared to sample C. In the 10K-
and 50K-magnified images, the material displays a regular surface, except in sample C that
presents sharp-shaped nanostructures, similar to the ones observed in sample Y (Figure
3.2).

The EDS spectra and the corresponding chemical composition are represented in

Figure 3.15 and Table 3.10, respectively. Although the given spectra identify low atomic
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number elements such as carbon, nitrogen and oxygen, this technique is not particularly
sensible towards the absorption of low energy photons, leading to significant errors on the

guantification of these elements [143].

The EDS results display the presence of nickel and silicon, which are typically found
in the catalyst formulation, revealing no traces of aluminium derived from the support of the
fresh catalyst F2. Other elements with a poisoning nature (e.g., sulphur) were not detected.
Although EDS is a semi-quantitative analysis, the solid deposits tend to have a lower
fraction of silicon when compared to the suspended catalyst particles collected at the
various process streams. Hence, the loss of silica and alumina from the catalyst support
seems more significant in the deposited solids, comparatively to the suspended catalyst

particles in the reaction vessel.

Sample x 0.5K (4.00 a.u.) x 10K (0.20 a.u.) x 50K (0.04 a.u.)

Figure 3.14 — SEM images magnified of the aniline-insoluble fraction of the samples collected at the

internals of the reactor: tube bundles (A/B) and temperature probe (C).
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Figure 3.15 — EDS spectra of the aniline-insoluble fraction of the samples A/B/C.

Table 3.10 - Elemental analysis determined through EDS of samples A/B/C.

EDS [a.u.]
Sample Ni si c 0
A 0.311 0.005 0.117 0.066
B 0.337 0.011 0.084 0.068
C 0.499 0.000 0.001 0.001

Atomic absorption

As mentioned before, the technique of atomic absorption allows the quantification
of the bulk composition of a given material. Table 3.11 outlines the nickel contents obtained
for samples A, B, and C, varying between 0.415 and 0.437 a.u. The corresponding average
value (0.424 a.u.) is about 31% higher than in the fresh catalysts studied (F1 — 0.312 a.u.
and F2 — 0.337 a.u.). On the other hand, the average nickel content of samples A/B/C is
closer to the samples collected from the reactor outlet (YO - 0.447 a.u. and sample Y - 0.391
a.u.), suggesting the loss of silica support and nickel enrichment of the catalyst particles

inside the reactor.
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Table 3.11 — Nickel content of samples A/B/C obtained through atomic absorption.

A 0.420
B 0.437
C 0.415

CHNS elemental analysis

Given the low accuracy of the EDS technique towards quantifying lighter elements
(i.e., carbon, hydrogen, nitrogen and sulphur), the CHNS elemental analysis was used. This
combustion analysis is more suitable for the quantification of the latter compounds [144]
[145].

The corresponding results are shown in Table 3.12. No traces of sulphur were
detected in any of the samples studied as expected, since this element is not present in the
formulation of the fresh catalysts. Concerning the content of carbon, hydrogen, and
nitrogen, samples A and B practically show the same profile. The corresponding average
contents of carbon and hydrogen in the samples A/B are about half of what is observed in
the sample C. Although these results may suggest the presence of insoluble organic
material, it should be necessary to perform the same analysis on the fresh catalysts (F1/F2)
to confirm this hypothesis.

Table 3.12 — CHNS elemental analysis results of samples A/B/C.

A 0.006 0.003 0.001 0.000
B | 0.006 0.002 0.001 0.000
Cc | 0.013 0.005 0.002 0.000

X-Ray Diffraction

The XRD diffractograms and the quantification of the composition of the crystalline
species are shown, respectively, in Figures 3.16 and Table 3.13. Samples A and B display
the same crystallographic composition, from which only Ni and Ni_Si O (OH), are detected.
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This result contrasts with the profile obtained in the catalyst samples collected in the process
streams, wherein crystalline forms of SiO, (recycled aniline and decanter outlet) and of

Ni(OH), (reactor outlet) were detected. Sample C also presents the species of Ni and
NissiZOS(OH)4, but the content of crystalline Ni is 25% less than in samples A and B. In
sample C, crystalline Ni(OH)2 is also observed. This species may be formed due to the NiO
hydrolysis to Ni(OH)z, or by oxidation of Ni® to Ni?* due to the alkaline conditions of the
system.

Ni(OH), Ni(©OH), Ni  Ni i Ni Ni  Ni
Ni;Si,05(OH), S0, Nio ’ ‘ N©O

L It -

= h—J l ~ —C

10 20 30 40 50 60 70 80 90 100
Position 20 [°]

Figure 3.16 — XRD diffractograms of the aniline-insoluble fraction of samples A/B/C.

Table 3.13 - Quantitative analysis of the crystalline species identified through XRD (RIR method).

Crystallographic composition [a.u.]
Sample ) ) o
Ni NiO SiO, N|(OH)2 N|38|205(OH)4
A 0.480 0.020
B 0.480 0.020
C 0.355 0.115 0.030
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Granulometric analysis

The results of the granulometric analysis, obtained through laser diffraction, are
presented in Figure 3.17 and Table 3.14. The volumetric distributions of the particles sizes
of samples A/B are similar and coherent with the corresponding SEM images. Although
these samples present bimodal profiles, the corresponding first mode is less significant than
the second one; according to the cumulative curve size distribution, A and B have their sizes
below 1.67 a.u., corresponding to 90 vol.% of the particles from sample C. The latter
displays a monomodal distribution, which is similar to the profile obtained for the samples
YO0/Y withdrawn from the reactor outlet stream. Furthermore, it should be noted that sample
C shows a significant similarity with samples YO0/Y, in terms of average patrticle size.
Attending to these results and considering that sample C was collected in the headspace
of the reactor, it is possible that the deposition of this material was promoted by abnormal
rises of the liquid level, promoting the once suspended particles in the reaction mixture to
be retained from where the sample C was collected. The latter hydrodynamic behaviour of

the system shall be considered in more detail in Chapter 4.
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Figure 3.17 — Particle size distributions of the aniline-insoluble fraction of samples A/B/C.

Table 3.14 — Average patrticle sizes of samples A/B/C.

Sample Dv(50) [a.u.]
A 0.62
B 0.61
C 0.91
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Magnetic analysis

Considering the magnetic characterisation of the fresh and used catalysts collected
in the process streams, the magnetic properties of the solid deposits were also measured
and compared, with respect to the nickel crystallite size, crystalline composition, and bulk

nickel content.

Table 3.15 outlines the average size of nickel crystallites in the samples A/B/C
obtained through XRD analysis. Nickel crystallites are larger in the sample C, when
compared to the samples A/B, although all values are similar to those obtained in the
samples withdrawn from the reactor outlet (samples YO0/Y). Therefore, it is plausible that the

nickel nanoparticles in the solid deposits are also ferromagnetic.

Table 3.15 - Average size of nickel crystallites in the samples A/B/C.

Sample Nickel crystallite [nm]
A 39
B 40
C 43

M-H curves of samples A/B/C at 300K and the corresponding values of coercivity
and saturation magnetisation are displayed in Figure 3.18. It can be observed that the
samples A/B present the greatest coercivity, in comparison with the samples of fresh and
used catalysts previously assessed. Although A and B also show similar contents of
crystalline and bulk nickel as the catalyst particles collected at the reactor outlet (YO/Y), the
smaller nickel crystallites in the samples A/B are likely to promote less number of magnetic

domains, thereby explaining their higher coercivity comparing with the samples YO/Y.

On the other hand, the sample C presents considerably lower coercivity than in the
samples A/B, and samples YO/Y; this result can be attributed to the smaller fraction of

crystalline nickel in the sample C, thereby reducing its magnetic anisotropy.

In addition, note that the coercivity values obtained in the samples A/B surpass the
critical value of 125 Oe, above which the related materials are identified as hard or

permanent magnets, owing to their high resistance to be demagnetised. Therefore, it is
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possible to conclude that this coercivity increase of the catalyst particles with time is a

potential cause for their incremental deposition in the internals of the reactor.
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Figure 3.18 — Magnetic analysis performed at 300K for the samples of fresh and used catalyst

studied.
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3.4.3 Discussion

In the previous section, the physico-chemical characterisation of the solid deposits
was addressed. In general, the nickel content and the crystallinity of this material is higher
than in the samples of fresh and used catalysts collected at different streams of the
underlying process. Additionally, the solid deposits displayed a smaller fraction of silicon,
and no trace of aluminium. Since the latter elements are derived from the catalyst support
formulation, this suggests that the loss of support is more significant in the deposited

material than in the suspended catalyst.

The physico-chemical differences between the solid deposits and the suspended
catalyst particles did not evidence a cause for the accumulation on the internals of the
reaction vessel. The solid deposits withdrawn from the vertical steam bundles revealed
interesting similarities to sample YO, collected from the reactor outlet stream several months
before of the former ones. In fact, both materials presented the highest Ni/Si ratio, as well
as the highest fraction of crystalline nickel. This result may suggest that the nickel
enrichment, together with the increase of related crystallinity over time could have an impact
on the magnetic properties of the catalyst, thus explaining its agglomeration/deposition in
the reaction vessel.

The magnetic analysis confirmed that the deposited material collected in the tube
bundles displays higher resistance to demagnetisation (coercivity) when compared to the
suspended catalyst particles found in the reaction vessel and the fresh catalyst samples
studied. Moreover, distinct magnetic profiles were observed amongst the fresh catalyst
samples studied, noting that fresh catalyst F1 displays a coercivity one order of magnitude
greater than fresh catalyst F2. This result is consistent with the higher content of crystalline

nickel of F1, in comparison with F2.

3.5 Magnetic characterisation of the fresh and of the suspended

catalysts

In this section, the magnetic properties of the fresh catalyst are evaluated in more
detail considering several samples from lots provided by two different suppliers previously
used in the productive process. Afterwards, the effects of the reduction temperature and of
different blending compositions on the magnetic properties of the fresh catalyst are also

advanced.
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Next, the coercivity of the suspended catalyst was also evaluated by measuring this
property on several samples collected from the outlets of different reactors that were fed
with a specific blend composition of fresh catalyst.

3.5.1 Coercivity assessment of distinct lots of fresh catalyst

According to the results displayed in the previous section, the magnetic properties
of the catalyst material changed during its usage in the system. Namely, the coercivity of
catalyst particles suspended in the reaction vessel tends to increase, as the amount of

crystalline nickel in enhanced over time.

As stated before, F1 displayed a coercivity significantly greater (102 Oe) than F2
(23 Oe). Since these catalysts exhibit similar-sized nickel crystallites and similar contents
of bulk nickel, their different coercivities can be attributed to the higher fraction of crystalline
nickel in F1 — this property provides a higher magnetic anisotropy and, in turn, more
resistance to demagnetisation, when compared to F2. To prove the consistency of this
scenario, the record of F1/F2 catalyst batches used in the underlying process was
assessed, and several samples were collected, with the intention of measuring their
coercivity, and thereby analysing the evolution of this parameter over time (see Figure 3.19).
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Figure 3.19 — Coercivity of several fresh catalyst batches provided by different suppliers (O fresh

catalyst F1 and ® fresh catalyst F2, ---- minimum coercivity value of hard magnets).
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As can be observed, the coercivity measured from the suppliers of catalysts F1 and
F2 remained below 40 Oe up to the year 4. After that period, however, the fresh catalyst
batches from supplier F1 revealed two distinct coercivity thresholds: a first one with 55-75
Oe (year 4 to 6) and a second one with 94-109 Oe (year 6 to 8), which closely approximates
the critical value of 125 Oe attributed to “hard magnet” materials. On the other hand, the
batches from supplier F2 mostly exhibited the same coercivity (around 20 Oe). This result

suggests that the properties of the F1 catalyst have significantly changed after year 4.

3.5.2 Coercivity assessment of the fresh catalyst with different reduction

temperatures

The increasing coercivity detected in the batches of fresh F1 catalyst could indicate
a significant change of the operating conditions used in the preparation of this material. For
this procedure high temperatures are typically used (e.g., calcination and activation steps)
to ensure the well-dispersion of metallic nanoparticles and the mechanical resistance of the
support [135]. As mentioned before, temperature can significantly affect the crystalline
structure and, thus, the magnetic alignment of ferromagnetic materials. This way, the effect
of temperature on the coercivity of the catalyst was evaluated by conditioning a selected
sample from a F1-catalyst batch under a hydrogen-containing atmosphere. The coercivity

of the material was then measured at room temperature.

For this study, a sample from batch of F1 catalyst was collected and divided into
nine other samples, each one reduced at different temperatures (100°C, 200°C, 300°C
,350°C, 400°C, 450°C, 500°C, 600°C, 700°C) during 4h, with a heating rate of 10°C/min.
After this procedure, each sample was cooled down to room temperature with nitrogen.
Afterwards, all samples were analysed through XRD from which the average size of the

nickel crystallites was obtained.

The corresponding coercivity measurements and Ni crystallite average size are
outlined in Table 3.16 and Figure 3.20. For reduction temperatures between 100 to 300°C,
the size of nickel crystallite and coercivity practically remains unchanged when compared
to the blank sample. This evidences that the reduction conditions are not enough to
significantly affect the conversion of NiO to Ni, or the distribution of metallic Ni particles that
already existed before the reduction treatment. For reduction temperatures higher than
350°C, however, an almost linear decrease of the coercivity values is verified, while higher

average sizes of Ni crystallites are observed. The increase of nickel crystallites could be
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attributed to the sintering of nickel particles, specially promoted by temperature;
consequently, the larger nickel nanoparticles tend to display multi magnetic domains,
thereby explaining the reduction of coercivity observed.

Table 3.16 -Coercivity and XRD results obtained of the fresh catalyst F1 before and after reduction

at different temperatures.

Temperature of reduction [°C] Nickel crystallite [nm] Coercivity [Oe]
Blank 16 99
100 14 101
200 23 101
300 18 86
350 17 118
400 5 160
450 34 114
500 39 119
600 52 45
700 73 10
200 100

160

120 H

Coercivity [Oe]

[ec]
o
Nickel crystallite [nm]

100 200 300 400 500 600 700

Temperature of reduction [°C]

Figure 3.20 — Effect of reduction temperature on the values of coercivity and nickel crystallite size of

fresh catalyst F1.
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Figure 3.20 shows that the coercivity of this material could be reduced by using
higher temperatures of reduction during its manufacturing process. However, note that the
number of active sites is likely to be significantly reduced, because of the sintering of nickel
crystallites, which, in turn, hinders the active area of the catalyst. Therefore, an alternative
solution should be accessed to reduce the coercivity of the fresh catalyst added to the

system, without compromising its catalytic potential.

As fresh catalyst F2 tends to exhibit lesser coercivity than F1, different blends
containing both fresh catalysts were tested to reduce the coercivity of the catalyst added to

the system. This issue will be considered in the next section.

3.5.2 Coercivity assessment of different blends of fresh catalyst

Considering the different coercivity values observed in the fresh catalysts F1 and
F2, three different blends made from both catalysts were prepared (A, B and C), with the
intention of measuring their coercivity (see Table 3.17).

Table 3.17 — Different blends of fresh catalyst.

Identification Composition
Blend A 25wt.% F1 + 75 wt.% F2
Blend B 50 wt.% F1 + 50 wt.% F2
Blend C 75 wt.% F1 + 25 wt.% F2

The coercivity measurements obtained as a function of the mass percentage of F2
are represented in Figure 3.21. Here the coercivity of the catalyst mixture is significantly
reduced for contents of F2 above 50 wt.%. Note that the coercivity of Blend C (containing
75 wt.% of F2) equals the coercivity of F2.
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Figure 3.21 — Coercivity measurements of fresh catalysts F1 and F2 and of the related blends.

However, it is also important to notice that, once a load of fresh catalyst enters the
reaction vessel, their catalyst particles will undergo several physico-chemical changes, that
ultimately increase their coercivity over time (see section 3.3). As such, the behaviour of the
coercivity in the used catalyst should be also evaluated. This issue shall be considered in
the next section.

3.5.3 Coercivity assessment of the used catalyst

Since the coercivity of the used catalyst tends to be higher than in the fresh catalysts
added to the underlying system, this evolution of the coercivity of the suspended catalyst
particles was assessed by collecting samples from different reactors of the industrial
process after their start-up. In Table 3.18, the selected reactors are outlined, together with

the corresponding procedure performed before their start-up and during operation.

In reactor | only fresh catalyst F2 was added before the start-up and during operation
if necessary. In the case of reactors Il and IV, a mixture of 50 wt.% of fresh F1 and 50 wt.%
of fresh F2 (Blend B), was added before the start-up and during operation. In the case of
reactor lll, a load of used catalyst was added before start-up and during the operation the
blend B was added. In addition, note that the internals of the reactor Il were not cleaned;
therefore, the solid deposits eventually present were not removed during the same

shutdown period.
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Table 3.18 —Planning for different reactors after being subject to maintenance.

Reactor Before start-up During operation

Internals cleaned

Loaded w/ fresh F2 Only fresh F2 added

Internals not cleaned
. Loaded w/ 50-50 wt.% F1/F2 (Blend B) Fresh Blend B added

Internals cleaned
i Loaded w/ used catalyst Fresh Blend B added

Internals cleaned
v Loaded w/ 50-50 wt.% F1/F2 (Blend B) Fresh Blend B added

After the start-up of each reactor, several catalyst samples were collected at the
reactor outlet stream during the three months that followed. Figure 3.22 outlines the

coercivity measurements obtained.

In the case of reactors l/lll/IV, one notices that the coercivity increases until the
second month of observation and tends to decrease on the third month. This result can be
attributed to the retention of catalyst particles with larger nickel crystallites inside the
reaction vessel, while the catalyst fines with smaller nickel crystallites are progressively
discarded through the decanter outlet; the larger crystallites tend to display multi magnetic
domains, thereby explaining the coercivity reduction observed.

In the case of reactor I, the coercivity of catalyst particles remains virtually
unchanged, standing above the critical point of 125 Oe. Since the internals of this reactor
were not cleaned, it is plausible that the used catalyst with greater coercivity remained inside

the reaction vessel after the start-up.
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Figure 3.22 — Coercivity of used catalysts collected at the reactor outlet stream (Breactor I, O reactor

I, ® reactor Il , © reactor V).

Attending to the latter results, it appears that the coercivity of the used catalyst
stabilises around 100-130 Oe, independently of the initial load employed before start-up,
and fresh catalyst added during operation. Considering that the high coercivity values were
obtained in the solid deposits withdrawn from the tube bundles (=150 Oe), it was not
possible to conclude if the suspended catalyst particles in the latter reactors studied would
display even greater coercivity values beyond the period assessed. However, it should be
noted that any 100 wt.% F1-based blends of fresh catalyst were added to the same reactors
before start-up and during this period of operation. Therefore, the evolution of the coercivity
on the suspended catalyst in the industrial reactors with only F1 fresh catalyst additions

remains to be comprehended.

Considering the latter issue, in a study performed by Espirito Santo [146], it was
concluded that fresh catalyst F1 presents a higher sedimentation rate than fresh catalyst
F2. Attending to the granulometric results presented in section 3.3.4, the F1 particles are,
on average, smaller, besides exhibiting a greater fraction of fines (especially for particle
sizes above 0.67 a.u.), when compared to the fresh catalyst F2. As smaller particles are
more likely to aggregate owing to lower energy barriers [147], the higher sedimentation rate

can be justified due to this phenomenon.

Catalyst deposition can affect the dispersion of catalyst particles throughout the

reaction vessel and significantly reduce the number of available active sites in the catalyst.
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For that reason, the monitoring of the operation of the process will be addressed in Chapter
4, where the catalyst concentration will be related to the process variables, and
nitrobenzene conversion. The goal is the improvement of industrial practices, including the

management of catalyst make-ups.
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4.Process monitoring and control

This chapter addresses the monitoring of the operation of an industrial reactor used

to produce aniline at Bondalti Chemicals S.A.

As previously reported, the performance of the underlying process relies in the
behaviour of the catalyst used. Here, the periodic catalyst make-ups are performed allowing
not only compensate the decay of the catalyst properties, but also the catalyst losses that
are likely to occur over time. For that reason, the present work addresses the monitoring of
suspended catalyst concentration, together with the online/offline measurements of the
process variables, while considering the frequency of fresh catalyst repositions. Moreover,
this study also encompasses several tests performed in the industrial reactor to evaluate
the catalyst deposition and loss phenomena, as well as the control practices that can be
used to regulate the catalyst concentration in the underlying system.

Following the former remarks, a process monitoring tool based on the model
developed is advanced. This approach provides the identification of external disturbances
affecting the predictability of reaction conversion. After that, a new strategy applied to the
regulatory control system is detailed, where the related impact on the steadiness of the
industrial unit is discussed. Ultimately, a procedure for process monitoring and control is
presented, oriented to standardise the industrial practice regarding the catalyst

management.

4.1 Process variables

The distributed control system (DCS) installed in the control room of the underlying
industrial unit allows to remotely monitor the process operation. Besides that, the control
room has also access to the record of offine measurements from the quality control
laboratory, including the composition of the process streams (e.g., nitrobenzene and
reaction by-products), together with the catalyst concentration at the reactor outlet. Here,
the nitrobenzene concentration in the outlet stream needs to be maintained below a certain
threshold value to prevent high processing costs in the downstream purification units. For
that reason, if an increasing concentration of nitrobenzene is detected, catalyst make-ups

are usually preferred.
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The control of the operating temperature is also crucial for the process. since the
extent of undesired side reactions derived from aniline can also be promoted with higher
temperatures. In this case, the reactor is equipped with heat exchangers that ensure the
removal of the heat produced by the reaction. This energy, in turn, is used for steam
production. Therefore, the measured values of the steam flowrate and the steam pressure

can be useful to monitor the performance of the heat transfer system over time.

The operating pressure is another important process variable. This is usually
controlled by the hydrogen intake in the reactor headspace. The hydrogen consumption of
the system is usually proportional to the nitrobenzene feed flowrate. However, if a significant
the hydrogen consumption and the operating temperature decrease simultaneously under
a given nitrobenzene feed flowrate, reaction failure might occur. Under such scenario, the
shutdown of the system is required. This procedure has been claimed [148] to be executed
as quickly as possible, to avoid the “damage to the catalyst by an excessively high

concentration of nitroaromatics in the reactor”.

Another important process aspect is the level balance between the reactor-decanter
system. A level difference between these two vessels ensures the flow from the reactor
outlet to the decanter, while the gas-inducing agitator on the reactor side promotes the
recirculation flow from the decanter bottom to the reaction vessel through the recirculation
stream (see Figure 4.1). The level in the decanter is also controlled by a valve, located in
the decanter upflow stream, that regulates the liquid level of the decanter dike. The decanter
downflow stream is regulated by a valve located in the decanter-reactor bottom connection
(recirculation valve), ensuring the recovery of catalyst back to the reactor. This recirculation
valve should not be excessively opened, otherwise it could impair the decantation efficiency
[41]. Moreover, if the recirculation flowrate is too high, the agitator of the reactor can be
overloaded, causing an excessive current intensity at the electric motor. Under such

conditions, the agitation system is automatically stopped.

As already stated in Chapter 2, monitoring the catalyst concentration, together with
other key process variables can provide a better understanding of the reaction system, and
thereby provide new guidelines for process diagnosis. In addition, the characterisation study
reported in Chapter 3 evidenced the physico-chemical changes of the catalyst material
during its usage in the reaction vessel. Therefore, this study aims to evaluate the dynamics
of the catalyst behaviour by exploiting and analysing industrial data sets, together with the

conduction of industrial trials.
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Figure 4.1 — Schematic representation of the reactor-decanter system.

4.2 Analysis of the process operation

The operation of the industrial reactor was assessed by following the online
measurements of the process variables, together with the offline measurements of the
catalyst concentration and of the nitrobenzene bulk concentration. In addition to this, the
cumulative of the catalyst make-ups and corresponding blend composition, the heat transfer

performance, and the energy consumption of the reactor agitator are also considered.

The catalyst concentration in the industrial reactor was assessed through filtration
of samples collected in the reactor outlet. This procedure includes the measurement of the
sample volume, followed by the liquid-solid separation. After that, the solid fraction is
previously dried, and the corresponding mass measured. This procedure was selected
among a group of other laboratorial techniques by performing tests with known weights of
catalyst. The filtration methodology provided the highest precision thereby justifying its use
in the present work (see Appendix B). Nevertheless, this filtration procedure can be more
time-consuming when compared to the decantation method currently used in the laboratory
of quality control, due to the drying step included in the former case. Because of this, an
upgraded version of the current decantation method currently was tested. The outcome

provides a smaller measurement error and improved precision. Besides that, the procedure
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for collecting samples in the industrial reactor was also evaluated, where an improvement
was made to provide results of the catalyst concentration as representative as possible (see
Appendix B).

Figure 4.2 shows the follow-up of the catalyst concentration in the industrial reactor,
together with the behaviour of the process variables and record of process shutdowns.
Three phases of operation are verified: period A (between days 1 and 300), period B
(between days 300 and 600), and period C (between days 620 and 750). Each of these

periods will be analysed separately.

During period A, a significant decrease in the catalyst concentration is observed,
which coincides with an increased concentration of nitrobenzene in the reactor outlet
stream. The reduction of the nitrobenzene conversion followed the standard procedure of

increasing the make-ups of fresh catalyst to the system.

In period B, the reactor is subjected to a maintenance procedure (around day no.
350) where the internals of the equipment were cleaned. Intentionally, the deposited solids
were maintained inside the reaction vessel. After that, the system was restarted, observing
that the catalyst concentration increased significantly, suggesting that the catalyst amount
formerly settled, was placed again in suspension. However, the catalyst concentration
returned rapidly to its former values, noticing a new increase of nitrobenzene bulk

concentration, obligating to further additions of fresh catalyst.

In period C, the reactor is restarted, after a global maintenance procedure, where
the internals of the reactor were cautiously cleaned including the removal of the solid
deposits from the reaction vessel. Here, the catalyst concentration appears to respond

favourably to the fresh catalyst additions performed.

Overall, it is possible to notice that, for higher values of catalyst concentration, the
content of nitrobenzene tends to decrease, coinciding with lesser repositions of fresh
catalyst. On the other hand, for values of catalyst concentration below 0.10 a.u., the

conversion of nitrobenzene is unstable, demanding a greater addition of fresh catalyst.

Next, the evolution of the catalyst concentration is compared to the current intensity
of the agitator and to the performance of the heat exchanging devices. These issues are

considered later.
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Figure 4.2 (cont.) — Monitoring results for an industrial hydrogenation reactor (e catalyst

concentration, © agitator current intensity, and 4 system shutdowns).

4.2.1 Period A: Decrease of catalyst concentration

During this period, a significant decrease in the catalyst concentration between days
150 and 200 is observed. Since this could be attributed to either catalyst deposition or

catalyst loss, these phenomena need to be quantified.

Just before the reduction in the concentration of suspended catalyst from 0.30 to
0.10 a.u., several abnormal peaks on the agitator current intensity were observed, causing
the shutdown of the reactor due to the stoppage of the agitator (see Figure 4.3). In this case,
the current intensity of the agitator increased unexpectedly without any manipulation in the

recirculation valve, while a simultaneous decrease in the decanter level was observed.
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These occurrences suggest that either the recirculation stream increased due to the

unclogging of solid deposits therein, or due to the sudden clogging between the reaction-

decanter upper connection.
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Figure 4.3 — Abnormal behaviour of the agitator current intensity registered and the related effect on

the decanter level control between days 180 and 190.

In comparison with the latter example, Figure 4.4 presents a typical response of the

current intensity to an increase in the recirculation flowrate, with a temporary total opening

of the recirculation valve. In this case, the reduction of the decanter level only occurred

when the recirculation valve was fully open; at the same time, the current intensity of the

agitator increased due to the higher recirculation flowrate induced. During that period, the

decanter level dropped below 10% - a threshold at which a safety valve in the decanter

outlet is automatically closed; after repositioning the recirculation valve, the decanter level

control responded favourably by stabilising the decanter dike level in the 10 min that

followed.
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Figure 4.4 — Behaviour of the agitator current intensity and the decanter dike level with the

manipulation of the recirculation valve (fully opened and returned to the previous level).

Considering these cases, we can notice that the level of the decanter dike
decreased more rapidly in the previous abnormal event than in the case of the total opening
of the recirculation valve. In addition, note that the increase of the agitator current intensity
in the former case occurred before the decrease of the decanter level. This might suggest
that the abnormal peaks of the current intensity may not be caused by a sudden flow
increase in the recirculation stream. To reinforce this hypothesis, a comparison between
the abnormal behaviour of the agitator current intensity and an operation event where the
manipulation of the recirculation valve involved a smaller opening (see Figure 4.5). In this
case, the recirculation valve is open from 18 to 20% observing that, approximately 7-8 min
after that action, the current intensity of the agitator slightly increases while, simultaneously,

the level of the decanter dyke decreases. By comparing this event with the abnormal event
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shown in Figure 4.3, it is plausible that an eventual catalyst unclogging of the recirculation

pipeline is not enough to justify the anomalies observed.
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Figure 4.5 - Behaviour of the agitator current intensity and the decanter dike level towards the

manipulation of the recirculation valve (smaller opening variation).

In Figure 4.6, the response of the operating pressure and hydrogen intake in the
reactor headspace is presented, during the events portrayed in Figures 4.3 and 4.4. In both
cases, the variation of the agitator current intensity coincided with the increase of the
operating pressure, which promoted the decrease of the hydrogen flowrate. This
phenomenon may be related to a sudden rise in the reactor level. However, it should be
noted that the oscillations in the operating pressure were far more significant during the
abnormal behaviour reported of the current intensity. This indicates a greater variation in
the reactor level might occurred in the abnormal event, when compared to the case of the

full opening of the recirculation valve.
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Figure 4.6 — Behaviour of hydrogen intake and operating pressure: (top) abnormal event registered

in agitator current intensity, and (bottom) example of full opening of the recirculation valve.

Attending to the previous anomalous behaviour of the agitator, the potential factors
behind the energy consumption of the agitation mechanism were evaluated. According to
Equation 4.1, the agitation power input (Pot,) only depends on the mixture density pp,,

assuming a constant agitation rate (N) and size of the agitator (d)):
Poty = N, py N3df (4.1)

Here, N, is the power number, which value is specific to the type of agitator, agitation rate,
and fluid properties. Assuming a turbulent regime, N, is constant and only limited to the

impeller design [51].

Regarding the present case-study, the mixture density is influenced by the induction

of hydrogen through the impeller. In Figure 4.7, the feed of liquid and gas phases into the
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reaction vessel is illustrated. The liquid phase, containing the feed flowrates of nitrobenzene
and the recycled aniline streams, is conducted through an annulus distributor close to the
impeller region, whereas the gas phase can be either induced through the impeller, or
introduced through a gas sparger located at the reactor base.

Liquid phase — Liquid phase

P —]
\ Gas phase
\ ﬂ 777777777777777 / 777777777777777777777777777777777777777 Gas entrance
\V4 I
I R /2t Hollow shaft
- e Liquid entrance
— ¢ S a
»‘ ——————————————————————————————————————————————— Gas inducing impeller

*********************************************** Inferiorimpeller (for solid dispersion)

777777777777777777777777777 Gas sparger

\ Gas phase

Figure 4.7 — Scheme of the agitator of the industrial reactor.

As the gas phase promotes is induced in the reaction mixture, a reduction of the
density is expected in the surroundings of the impeller. This should decrease the movement
resistance of the blades and, in turn, the current intensity of the agitator. Examples of the
calculation of the mixing power input under aerated conditions for different impeller types
are reported in the literature [79][80][81] [149]. These studies show that the aerated power
input depends on the gas induction rate which, in turn, depends on the fluid properties, the
impeller submergence, and the impeller dimensions. Nonetheless, these examples are
attributed to agitated vessels without recirculation streams, in contrast to the present
system. Therefore, the present case-study is evaluated qualitatively. Based on the above-
mentioned authors, the rise of the liquid level in the reactor should increase the impeller
submergence, promoting a decrease of the gas induction rate and, in turn, the energy
consumption of the agitator. Assuming a temporary blockage of the reactor outlet sudden
occurs, the level of the reactor could rise excessively. This scenario could explain the

anomalies on the current intensity of the agitator.
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In addition, if an excessive rise of the reactor level occurs, the mixture overflow
through the gas entrance of the agitator shaft could occur, compromising even more the
induction rate of gas. Figure 4.8 outlines the gas entrance of the agitator showing that the
solid deposits tend to accumulate in this area, thereby supporting this claim.

Next, the phenomena of catalyst deposition and catalyst losses will be addressed,
with the intention of assessing the most plausible cause for the above-mentioned decrease

of catalyst concentration.

> Gas entrance partially “blocked”
by solid deposits

Figure 4.8 - Detail of the gas entrance of the impeller shaft.

Evaluation of the catalyst deposition

Considering the behaviour of the agitator current intensity before and after the
abnormal peaks were registered, globally, this variable tends to decrease with the catalyst
concentration, despite its abnormal behaviour occasionally registered (see Figure 4.9). As
mentioned previously, the agitation power input depends on the density of the reaction

mixture.

In this case, the reaction mixture represents a three-phase system, where the solid
catalyst particles are suspended over a gas-liquid dispersion. Therefore, the overall density,
should consider the corresponding densities and the volumetric fractions of each phase
involved. Assuming a constant composition of gas-liquid dispersion, it is expected that the

overall density of the reaction mixture only varies with the catalyst concentration. To
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calculate this parameter, the density of the gas-liquid mixture, pg;, was first determined
considering the densities of the liquid, p;,, and gas, pg, fractions and the corresponding gas

holdup g (volumetric fraction) (Equation 2.13) as

PoL = PgEc + pL(1 — €¢) 4.2)

Next, the density of the reaction mixture, p,,, was determined, considering the
presence of the solid phase though the following expression:

1
Pm = Weat + (1 — Wcat) (4-3)
Pcat PcL

Here w¢,; is the mass fraction of catalyst [kgcat/kggas—liquid mixture], Pcat IS the catalyst
density [kgea/m3,], and pg. is the density of the gas-liquid fraction

3
[kggas—liquid mixure/mgas—liquid mixure]'

Combining the Equations 2.3 and 4.1, the corresponding relation is obtained:

I;  Pme
—_=—" 4.4
I1 pm,l ( )

where the subscripts 1 and 2 are, respectively, related to the conditions before and after the
abnormal peaks observed in the current intensity of the agitator between days 150 and 200,
respectively (see Figure 4.9). During this period, the catalyst concentration reduced from
0.30 to 0.10 a.u., whereas the current intensity of the agitator reduced from 0.63 to 0.60
a.u. From Equation 4.3, this reduction on the catalyst concentration promotes a decrease
of 4.6% in the overall mixture density. On the other hand, the agitator current intensity
decreases 5.0%, which is close to the estimated variation of the mixture density. Therefore,
it is quite plausible that the decrease of the agitator current intensity observed during period

A was caused by the reduction of the mixture density.
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Figure 4.9 — Current intensity of reactor agitator and corresponding catalyst concentration of the

reaction vessel (ecatalyst concentration, © agitator current intensity).

As mentioned above, the performance of the underlying process also relies on the
efficiency of the heat exchangers. The overall heat transfer coefficient can be monitored
considering the online measurements of flowrate/pressure of the steam produced, and the
operating temperature of the reactor. Neglecting the contribution of the sensible heat in the
condensate entering the tube bundle, the production of saturated steam is assumed. This

way, the overall heat transfer coefficient (Uyg) of the tube bundle can be determined as:

Gc Hynyo

Up= ——2- 4.5
Ve A (T - Tsteam) ( )

Here Uyg is the overall heat transfer coefficient [W/(m? - K)] , G¢ is the condensate flowrate
[kg/sl, Hyn,o is the vaporisation enthalpy [J/kgl, A is the heat transfer area [m?], Tgteam

and T are the saturation temperature of steam and the reactor temperature [K], respectively.

Figure 4.10 shows the evolution of the overall heat transfer coefficient of the tube
bundle, and of the catalyst concentration. It is observed that Uyg also decreases with the
catalyst concentration. Hence, it is possible that the reduction of catalyst concentration may

be linked to the catalyst deposition in the internals of the heat exchanger device.
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Figure 4.10 — Evolution of catalyst concentration, together with the heat transfer of the tube bundles

(e catalyst concentration and ® overall heat transfer coefficient).

Considering that the catalyst deposition may justify the variation of catalyst
concentration observed between days 150 and 200, the following observations should be
highlighted:

¢ Globally, the behaviour of the agitator current intensity, during the reduction of
catalyst concentration, matches its theoretical dependency with the mixture
density. On the other hand, noted that, during the same period, abnormal events
were registered, where the agitator current intensity increased significantly
without any previous action on the recirculation valve. This fact may indicate a

hindered circulation among the reactor-decanter vessel system.

e The overall heat transfer coefficient of the tube bundles reduced simultaneously
with catalyst concentration. The phenomenon may suggest the increase of the
thermal resistance due to the deposition of catalyst in the internals of heat

exchanging devices (solid fouling).

Evaluation of catalyst losses

The scenario of catalyst loss through the decanter outlet stream was also evaluated

by performing two industrial tests. The first test addressed the evaluation of the effect of
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catalyst addition, whereas the in second one the effect of feed flowrate variations on the

catalyst loss was analysed.

o Effect of catalyst addition

Figure 4.11 shows the results of the industrial test performed to evaluate the effect
of catalyst addition on the catalyst concentration measured in the decanter outlet stream.
In this case, several samples were collected at the process streams that contain catalyst:
the recycled aniline inlet and the decanter outlet. The operating conditions were maintained
constant, as well as the position of the recirculation valve. Fresh catalyst was added into
the reactor between 6 and 13 minutes after the beginning of the industrial test. Five minutes
after the catalyst addition period, the catalyst concentration measured at the decanter outlet
increased 63%. Attending to the average volumetric flowrate of the decanter outlet stream,
this peak of catalyst concentration would represent about 0.1 wt.% of the load of fresh
catalyst added to the system.

Considering the average flowrates of the recycled aniline and the decanter outlet,
together with the corresponding measurements of the catalyst concentration therein, it is
estimated that an equivalent mass of catalyst to what was added to the system would be

lost in 12h, assuming the same operating conditions.
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Figure 4.11 — Catalyst concentration measured in both (—=—) recycled aniline and (—e—) decanter

outlet streams, during the addition of fresh catalyst in the reactor studied.
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o Effect of the feed flowrate on catalyst losses

The effect of the feed flowrate was also studied, since it directly influences the
decanter outlet stream flowrate, and thereby can also affect the catalyst losses therein. In
this case, the catalyst concentration in the recycled aniline and decanter outlet streams was
measured in different regimes of nitrobenzene feed flowrate, while maintaining the same
nitrobenzene-recycled aniline feed flowrate ratio. It should be mentioned that, in each trial,
neither new fresh catalyst loads were added to the system, nor manipulations on the
recirculation valve were performed. Samples were collected at the recycled aniline and the
decanter outlet streams every 20 min, during a total period of 4 h. The operating conditions

observed in each trial are presented in Table 4.1.

Table 4.1 - Operating conditions of each regime of the reactor studied.

Regime Nitrobenzene flow Recycled aniline flow  Recirculation valve
[a.u.] [a.u.] [%0]
A 0.42 0.50 25
B 0.48 0.58 25
C 0.55 0.66 15

Figure 4.12 shows the total flowrate of recycled aniline, the decanter outflow, and
the corresponding measurements of the catalyst concentration. Regarding the recycled
aniline stream, noted that the amount of catalyst therein is influenced by the combined
output of several industrial reactors that feed the recycled aniline circuit. This influence was,

therefore, considered during the realisation of these trials.

Figure 4.13 presents the outflow of each reactor feeding the recirculation product
circuit, as well as the level of the recycled aniline tank. As can be observed, the level of the
recycled aniline tank remained mostly stable, thus indicating its independence from the
catalyst concentration measured in the recycled aniline stream. Moreover, it is verified that
reactor Il had the highest and most unstable outflow, among the reactors that feed the
recycled aniline circuit. A decreasing tendency of the catalyst concentration measured in
the recycled aniline stream is observed in regimes A and B, in contrast to regime C. These

results are coincident with a lower outflow of reactor Il, in the case of regimes A and B.
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Therefore, it is plausible that the catalyst losses derived from reactor Il may have affected

the amount of suspended catalyst in the recycled aniline stream.
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Figure 4.12 - Catalyst concentration measured in the recycled aniline (e) and in the decanter outflow

(@) (= recycled aniline total flow/decanter outflow).
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For each measurement of the catalyst concentration, the mass input and output
flowrates of catalyst were determined considering, respectively, the average volumetric
flowrates of the recycled aniline and decanter outlet streams. By these means, the average
catalyst loss obtained for regimes A, B and C were 0.14, 0.26 and 0.07 a.u., respectively
(see Figure 4.14). For the regimes A and B, a greater dispersion of results in the catalyst
mass outflow values is observed, when compared to regime C. However, one notices that
the feed flowrate used in the regime B promotes a catalyst loss almost two times higher
than in regime A. Therefore, it is evidenced that an increase on reactor feed flowrate

increases the amount of catalyst in the decanter outlet stream.

On the other hand, the lowest average catalyst loss is observed in regime C, despite
its higher flowrate conditions, in comparison with the remaining regimes. In this case, a
lower opening of the recirculation valve is used, suggesting that a higher separation
efficiency of the decanter, which, in turn, might have contributed to a smaller dispersion on

the values of the catalyst mass outflow.
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Figure 4.14 — Mass inflow and outflow of catalyst and the corresponding average catalyst loss for
each regime tested.
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Considering the average catalyst loss obtained in these industrial trials, the next
step was to check whether these results could justify the observed reduction in the catalyst
concentration in the industrial reactor between the days 150 and 200. In Table 4.2, the
average catalyst loss necessary for the variation of the catalyst concentration is determined,
considering that the catalyst concentration decreased 67% in the first 8 days of the period
abovementioned. In this case, the average catalyst loss obtained is considerably higher
than in any of the regimes tested (8, 4, and 18 times higher, respectively, for the regimes
A, B and C). Hence, the former reduction of catalyst concentration registered in the reactor

is unlikely to be justified by the loss of catalyst.

Table 4.2 — Estimation of the average catalyst loss necessary for the reduction of catalyst
concentration observed in the reactor (days no. 150-200).

Variable Value
Nitrobenzene flowrate [a.u.] 0.51
Recycled aniline flowrate [a.u.] 0.62
Recirculation valve [%] 15
Reduction of catalyst concentration observed [%0] 67
Period of catalyst concentration reduction [d] 8
Average catalyst loss [a.u.] 1.08

By determining the reduction of the catalyst concentration in the reactor that
occurred during the period A, the catalyst deposition is identified as the most plausible
cause that can explain such a variation. In addition, noted that the frequent repositions of
fresh catalyst registered during that period were not enough to increase the catalyst
concentration. For that reason, the reactor was shut down afterwards, during a period where
the internals of the reactor were cleaned with the intention of improving the heat transfer
performance. The consequent restart of the system is considered in the next period of

observation discussed next.

Monitoring and improvement of a multi-phase reaction system 164



4.2.2 Period B: Reactor cleaning and consequent restart of the process
operation

As previously mentioned, the reactor cleaning was performed at the end of period A
with the goal of improving the performance of the heat exchangers. This procedure was
applied to the reactor studied around day 330 of the present study. As the reactor
headspace was opened to perform this cleaning procedure, a significant fouling was found
in the internals of the equipment. This evidences the scenario already considered, involving
catalyst deposition. In this case, the deposited solids were removed from the equipment by
using a high-pressured water washing machine; however, noted that the material was not
removed from the reaction vessel, with the intention of enhancing the catalyst concentration
afterwards. Consequently, after the restart of the system, the concentration of suspended
catalyst was significantly higher than the values observed in period A. This led to an
increase in the contents of by-products, derived from the aniline hydrogenation, demanding
greater processing in the downstream purification stages.

Figure 4.15 shows the process monitorisation during the period B. Despite the
cleaning procedure applied, the amount of suspended catalyst in the reactor rapidly
decreased in the 100 days that followed this start-up. Simultaneously, the nitrobenzene
content increased, as well as the frequency of system shutdowns, regardless of a constant
reactor regime applied. Consequently, a greater addition of fresh catalyst was verified in the

same period.

Besides that, the overall heat transfer coefficient of the heat exchanger and the
current intensity of the agitator are reduced, coinciding with the reduction of catalyst
concentration. This behaviour suggests that catalyst deposition was also promoted, as

identified in period A.
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Figure 4.15 (cont.) — Monitoring study of the industrial reactor during period B (e catalyst

concentration, * overall heat transfer coefficient, © current intensity of the reactor agitator, and A

system shutdowns).

These results point to considerable limitations in the industrial practice of keeping a
mass of used catalyst inside the reaction vessel after a cleaning procedure. As described
in Chapter 3 (section 3.3.7), the magnetic properties of the catalyst material tend to change
over time, as the amount of ferromagnetic nickel promotes higher coercivity values; this

result, may thus explain the rapid formation of the solid deposits found in the reaction vessel

in period A.
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By measuring the coercivity of several batches of fresh catalyst already used in the
productive process, a higher coercivity of F1 relatively to F2 was evidenced. Figure 4.16
shows the blend composition of the fresh catalyst added to the reactor, together with the
catalyst concentration measured and the cumulative amount of fresh catalyst added. It is
possible to remark that, whenever the fresh catalyst blend was exclusively composed by
F1, the catalyst additions were more frequent. Further, one notices that the exclusive use
of F1 in the additions of fresh catalyst coincided with the significant reduction of catalyst

concentration when high contents of unreacted nitrobenzene were also detected.

Hence, it is plausible that exclusively adding fresh catalyst F1 may promote, and
even accelerate, the agglomeration/deposition of catalyst inside the reactor. Based on these
observations, the addition of uniquely F2-based blends was performed. This experiment
was performed after the global shutdown of the plant, a period when the internals of the
reactor were cleaned, and the catalyst deposits were totally removed from the interior of the

reaction vessel. This is considered in the next section.
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Figure 4.16 - Composition of the fresh catalyst blends added to the reactor studied, together with the

catalyst concentration and the cumulative of fresh catalyst additions (e catalyst concentration, ===
composition of F1 in the blend of fresh catalyst, -+ cumulative of fresh catalyst addition, and A
system shutdowns).
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4.2.3 Period C: Improving the fresh catalyst blend

As mentioned before, only fresh catalyst F2 was added to the reactor in period C.
Figure 4.17 outlines a comparison of the process behaviour between periods B and C. An
increase of the catalyst concentration is observed with the addition of F2-based blends. In
period C, the stabilisation of nitrobenzene bulk concentration is attained with a lower
frequency of catalyst make-ups, under similar feed flowrate regimes, in comparison with
the intervals of period B, where only fresh catalyst F1 was used. Besides that, note that,
after day 700, the catalyst concentration values on the reactor have stabilised for 35 days,
even without any addition of fresh catalyst. In parallel, the heat transfer coefficient and the
electrical current intensity of the agitator driver was maintained constant during the same
period. This suggests that adding fresh catalyst F2 should provide the steadiness of the

catalyst suspension.
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This operated period confirms that the catalyst concentration values can be
stabilised with a low content of nitrobenzene detected in the reactor outlet stream. This
leads to a reduced demand of fresh catalyst repositions. Besides this industrial practice,
several actions are typically performed with the purpose of controlling the catalyst in the
reaction mixture. In the next section, this issue will be addressed, encompassing a set of

industrial tests performed also in the present work.

4.3 Evaluation of the industrial practices to control the catalyst

concentration

Catalyst deposition can reduce the amount of catalyst in the suspension, and
thereby affecting the conversion of nitrobenzene in multiple ways. An example of an anti-
fouling procedure applied to polymerisation slurry reactors was reported in [150], which
involves the rapid heating of the internals of the reactor, thus ensuring the disaggregation
of the deposited material therein. However, this practice cannot be applied in the industrial
reactor studied due to safety reasons. As such, alternative strategies were assessed that
are typically applied to the current industrial practice aimed at keeping the catalyst
suspended in the reaction vessel.

These strategies include nitrogen injection in the reactor-decanter recirculation
stream, rapid changes on the recirculation valve, and increased repositions of fresh catalyst.
The first two practices assume that catalyst is accumulated in the decanter-reactor bottom
connection, whereas the second practice assumes that the amount of suspended catalyst
can be enhanced through an intensified period of catalyst addition. These actions were

assessed thought several industrial tests described next.

4.3.1 Nitrogen injection/Manipulation of the recirculation valve

The industrial practices of nitrogen injection and manipulation of the recirculation
valve were evaluated, considering their effect on the catalyst concentration in the reactor.
Several tests (T1-T5) are described in Table 4.3. During the performance of each test,
samples from the reactor outlet were collected to determine its catalyst concentration.

These tests were performed according to the following recommendations:

e nitrogen injection into the recirculation stream should not exceed 10 s, so

that the pressure in the reactor headspace is not affected significantly.
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e fully opening the recirculation valve should be performed under a short
period to avoid the runaway of the current intensity and, therefore, the
shutdown of the system.

In Table 4.3, the tests T1-T5 performed in the industrial reactor are described. Figure
4.18 shows the behaviour of catalyst concentration during each test. Itis possible to observe
that none of these actions were effective in increasing the catalyst concentration in the
reaction vessel. This result evidence two possibilities: either these actions were inefficient
to release the catalyst deposits to the recirculation stream, or the catalyst accumulation

therein was not significant at the time that these industrial tests were performed.

Table 4.3 — Industrial tests performed in the industrial reactor, involving nitrogen injection and

recirculation valve manipulation.

Test Description

T1 Nitrogen injection on the recirculation stream (10 s)

i. Close the recirculation valve (30 s)
T2 ii.  Nitrogen injection on the recirculation stream (10 s)
iii. Return the recirculation valve opening to its initial state

i. Close the recirculation valve
. Nitrogen injection on the recirculation stream (10 s)
T3 iii. Recirculation valve fully open
iv. Return the recirculation valve opening to its initial state

(Repeat this procedure 3 times)

i. Close the recirculation valve
ii. Recirculation valve fully open
T4 iii. Return the recirculation valve opening to its initial state

(Repeat this procedure 3 times)

i. Close the recirculation valve

s ii.  Return the recirculation valve opening to its initial state
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Figure 4.18 - Industrial tests T1 to T5 performed in the reactor K510 (@ catalyst concentration, ---

nitrogen injection, — recirculation valve).

As mentioned in section 4.2, the performance of the reaction stage tends to be
improved for catalyst concentration values above 0.10 a.u.. Bearing this in mind, since the

tests T1 to T5 were performed at the beginning of period A, precedent of the decrease of
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catalyst concentration reported between days 150 and 200 (see section 4.2.1, it is plausible

that the catalyst deposition was not significant at that time.

Considering the latter issue, an additional test was carried during the end of period
A, when the catalyst concentration values were much lower than in the former case (around
0.01 a.u.). Inthis case, we intended to perform a full opening of the recirculation valve, while
collecting samples from the reactor outlet before, during and after this manipulation. The
recirculation flowrate was also measured by using a portable ultrasonic flowmeter installed
in situ. The corresponding results are presented in Figure 4.20. One notices that, although
the catalyst concentration values enhanced during the increase of the recirculation flowrate,
they rapidly returned to the initial state. In addition, note that the heat transfer was not
affected. This result indicates that, despite this action might be useful to avoid excessive
accumulation of catalyst on the recirculation channel, above it seems unlikely to be effective

in significantly removing the solid deposits from the internals of the reactor.
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Figure 4.19 — Behaviour of the (—) recirculation flowrate, (®) catalyst concentration and (*) heat
transfer performance, during the test where the recirculation valve was briefly placed in the fully open

position in the industrial reactor.
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4.3.2 Catalyst addition

The addition of fresh catalyst is commonly used in the industrial practice for
controlling the conversion of unconverted nitrobenzene in the reactor. Due to the recurrence
of this action, catalyst addition is expected to influence the concentration of suspended
catalyst. This way, the effect of catalyst addition on the concentration of suspended catalyst
was also evaluated through an industrial test performed on a distinct reactor (reactor Il) with
identical design and scale as reactor I, where the referred observation periods A, B and C

were conducted.

In the case of reactor Il, the catalyst concentration and the conversion of
nitrobenzene were at the time very low, regardless of the constant catalyst make-ups
performed therein. Because of that, the addition of catalyst intensified with the purpose of
increasing the catalyst concentration from 0.01 to 0.13 a.u. in reactor Il. Table 4.4 shows
the estimated amount of fresh catalyst necessary to add to reactor Il to achieve that variation
in the catalyst concentration. In this case, the estimated value is about 100 times higher
than the equivalent amount typically used in a fresh catalyst make-up.

Table 4.4 — Estimated amount of fresh catalyst to add to the reactor Il

Variable Value
Initial catalyst concentration [a.u.] 0.01
Target value of catalyst concentration [a.u.] 0.13
Addition of fresh catalyst [a.u.] 0.06

Figure 4.21 outlines the measurements of the catalyst concentration and of the
nitrobenzene bulk concentration before and after the intensified addition of fresh catalyst
was performed to the reactor Il. Although an increase of the catalyst concentration was
achieved, the corresponding value only reached 0.03 a.u., which was below than the
desired value (0.13 a.u.). In addition, the catalyst concentration rapidly returned to its initial
value two days after the same fresh catalyst addition, observing that the nitrobenzene bulk

concentration in the reactor outlet also increased.
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These results suggest that the amount of fresh catalyst added to the system was
either lost downstream (from the decanter outlet) or deposited in the internals of the
equipment. It should be mentioned that the reduction of catalyst concentration observed in
after the fresh catalyst addition period also coincided with the decrease of the overall heat
transfer coefficient and of the electrical current intensity of the agitation driver (see Figure
4.22). Because of this, it is plausible that the catalyst deposition was also promoted during
this test.

Note that several manipulations in the recirculation valve were performed, during
the period when the same reduction of the catalyst concentration was verified. This
suggests that the catalyst added during this industrial test was unlikely to accumulate

significantly on the decanter-reactor recirculation channel.
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Figure 4.20 — Results of the industrial test performed in the reactor Il (e catalyst concentration, -<-
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On the other hand, it should be pointed that only fresh catalyst F1 was added during
the industrial test performed to the reactor Il. Likewise, this catalyst was also applied to
reactor | from day 150 to 450 (see Figure 4.16), when the catalyst concentration was difficult
to control, regardless of the frequency of catalyst addition. In contrast, when the blend
composition of the fresh catalyst used was at least 50 wt.% F2, the catalyst concentration

was more readily controlled.

According to section 3.3.7, the magnetic measurements performed on the deposited
material collected from the internals of reactor | showed a higher coercivity (150 Oe), when
compared to the most recent batches of fresh catalyst used in the process - F1 (around 102
Oe) and F2 (around 20 Oe). The withdraw of the sample of deposited material was
performed after the second half of period A (day 150-300), when mostly F1 catalyst was
added to the system. The magnetic measurements performed on this material indicated a
coercivity around 150 Oe. On the other hand, the magnetic measurements performed on
samples of used catalysts collected from different reactors fed with at least 50 wt.% of F2
indicate that the coercivity tends to stabilise around 125 Oe with time (section 3.5.3).
Therefore, it is quite plausible that the exclusive use of F1 make-ups promoted the
phenomenon of catalyst deposition observed during this investigation.

Overall, this evaluation on the current industrial practices for controlling the catalyst

concentration in the industrial reactor allows to highlight the following remarks:

e The nitrogen injection/manipulation of the recirculation valve did not appear to
effectively remove the catalyst deposits from the internals of the reaction unit.
However, these practices may be useful to prevent an excessive accumulation of

catalyst in the recirculation channel.

e The frequency of catalyst make-ups can indeed enhance and stabilise the catalyst
concentration, if an appropriate blend composition of fresh catalyst is applied; in
particular, fresh catalyst batches with low resistance to demagnetisation are
recommended to prevent the deposition/accumulation of catalyst within the reaction

vessel in a short term.

Although these practices can promote the steadiness of the catalyst suspension,
their efficiency may not ensure the stability of the reaction conversion in the long term. This
issue should be especially regarded if a proper prediction of the system outcome is intended

through the process model developed. For that reason, a more systematic approach of the
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process operation should be defined to identify the influence of unexpected disturbances
affecting the prediction of the system outcome. Having said that, the statistical process
control of the industrial reactor is detailed in the next section. This solution offers a process

monitoring tool to promote the preventive maintenance of the reaction unit.

4.4 Statistical control of the industrial reactor

Process monitoring involves ensuring the process stability with time by reducing its
variability. For this purpose, a set of problem-solving tools are usually used in several
manufacturing industries denoted as statistical process control (SPC) [150].

A process is under statistical control when only the inherent variability of the
operation is verified. Whenever an unexpected event disturbs the normal operation of the
process (i.e., operator errors, defective raw material, incorrectly controlled machines), the
common process variation is considered to be affected by special causes [151] [152],
leading to an out-of-control state of the operation; SPC helps to identify the influence of
those disturbances, so that the corrective actions are performed on time to keep the process
under reduced variability. This way, SPC offers a means towards the process diagnosis and
the preventive maintenance. Note that SPC should not be confused with quality control,
since it does not measure quality directly, but rather indicates the probability of some
correctable condition affecting an undesirable variation in product quality/process stability
[151] [152].

The statistical control of the process is typically represented through control charts,
where the process variation is plotted against a defined tolerance of the variable that is
intended to monitor. This tolerance is specified by the target value (centre line CL), and the
upper and lower control limits (UCL and LCL, respectively). These characteristics are
determined considering a sample data collected of the process operation, where only
common variation of the process is observed. Assuming that the population of the quality
variable is normally distributed, the control limits are typically set at +3 standard deviations

of the population. This way, the values of CL, UCL and LCL are defined as:
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% = CL (4.6)

UCL—CL+3§ (4.7)
= = ,

LCL = CL—3 S (4.8)
= - .

Here X is the mean value taken from a sample of n observations of the process, and S is the
standard deviation of the sample data.

These control limits are defined so that, if the process is in-control, nearly all the
sample points will fall between them. Nevertheless, if a non-random pattern among a
sequence of observations is detected within the specified tolerance, it is an indicator that a
special cause is affecting the common variation of the process. Considering this, a set of
decision rules suggested by [151] for identifying non-random patterns on control charts and,

this way, ensuring the preventive maintenance of the process.

The determination of the statistical tolerance is based on a sample process data set,
which should be representative of the operating window applied. To collect this data, the
steady state of the process variables should be attained. For this reason, it is not surprising
that process understanding usually represents the most time-consuming step during the

implementation of a SPC procedure [150].

The further development of the process understanding tendentially results in the
prediction of the system outcome based on a process model. By these means, a sample
process data set can be collected from the process operation to validate a determined
output variable that is susceptible to monitor. Consequently, SPC can be applied to define
the statistical tolerance of the model predictability.

Attending to the present case-study, the outlet stream composition of the reaction
unit provides a description of the system outcome in terms of the nitrobenzene conversion
and of the selectivity to aniline based on the secondary compounds detected therein. As
detailed in Chapter 2, only the main chemical reaction (nitrobenzene hydrogenation) is
considered in the present study. Therefore, once the nitrobenzene bulk concentration is
predicted by the process model developed, the monitoring of the model predictability
becomes possible for a given operating window. To achieve this, a process data set from

the industrial unit was collected during an extensive observation period, where the deviation
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between the predicted and measured values of nitrobenzene bulk concentration was
evaluated (see section 2.4.2). This deviation was smaller for catalyst concentrations above
0.20 a.u., observing that, under these conditions, a moderate addition rate and a constant
blend composition of fresh catalyst was applied. On the other hand, this deviation was mor
significant when the catalyst concentration became unexpectedly unstable, reducing below
the former value. This behaviour occurred after significant modifications on the blend
composition of fresh catalyst were performed noticing that the frequency increase of
catalyst-makeups did not promote the steadiness of the catalyst concentration values, as

well as the nitrobenzene conversion.

Given the influence of the catalyst concentration and of the catalyst utilisation on the
prediction of the system outcome, a sample data was selected to define the statistical
tolerance establish the statistical control of the industrial reactor. To perform this, a SPC
control chart was developed by selecting several observations where a small deviation

between the predicted and measured values of nitrobenzene is observed (74 out of 138).

Figure 4.22 shows the control chart obtained to the deviation between the predicted
and measured values of nitrobenzene bulk concentration during the total period of
observation. The CL, UCL and LCL values are -0.001 a.u., +0.004 and -0.006 a.u.,
respectively. Overall, it is verified that the model predictability to the nitrobenzene bulk
concentration remains under the statistical tolerance essentially between the days 1-29,
100-170. During these observations, it is observed that the catalyst concentration values
remained stabilised mostly around 0.20-0.30 a.u., the addition of fresh catalyst was
moderate, and the corresponding blend composition was mostly 50 wt.% of F2 minimum.
On the other hand, the process was out of statistical control when the catalyst concentration
remained unsteady and below 0.20 a.u., alongside with intensive F1-based catalyst make-

ups to the system and reduced performance of the heat exchanging devices.
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Figure 4.22 — Control chart of the deviation between predicted and measured values of nitrobenzene

bulk concentration.

Overall, these results clearly evidence the importance of applying SPC in the
present industrial unit in a near future. By providing a systematic approach based on the
process model, the prediction of the nitrobenzene conversion can be monitored, rather than
only attending to the current state of the process variables individually. If the model
predictability on the nitrobenzene bulk concentration tends to move away from the statistical
tolerance defined, an assignable cause is likely affecting the process common variation.
Under this scenario, the current catalyst utilisation should be revised — this include either
enhancing the catalyst concentration with an improved addition of fresh catalyst or checking

if the deposition of catalyst is already significant.

Bearing in mind the continuous improvement of the underlying system, recall that
the latter control limits could be updated by gathering new sample data sets from the
industrial operation. This information should be collected under stricter operating windows
and detailed features of the catalyst make-up policy to maximise productivity. By doing this,
a more robust process monitoring tool can be developed in the future, this way beneficing,
for instance, the reduction of downtime periods and/or of excessive fresh catalyst loads to

the reaction unit.
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In addition, it should be noted that the development of this monitoring tool can be
extended the prediction of the secondary compounds involved in the underlying reaction
system; considering that the related kinetics related to these reactions are still not fully
understood, statistical models could be developed for this matter based on extensive
collection of new process data sets. Likewise, this data acquisition should be performed
under narrow operating windows and defined characteristics of the catalyst utilisation (e.g.,

addition rate, blend composition).

Besides the corrective measures applied to the catalyst management, the
improvement of the nitrobenzene conversion also relies in the steadiness of the operation.
Bearing this in mind, a new strategy was implemented to the regulatory control system of

the industrial reactor. This is presented next.

45 Improvement of the regulatory control of the industrial

reactor

The regulatory control loops allow the process to operate at a chosen target,
providing a safe operation and minimising the effects of disturbances and of raw material
variability. In present case-study, the regulatory control system mainly comprises the
feedback control loops of the operating temperature and pressure, of the steam pressure,
of the liquid level of the decanter dike, and of the feed flowrates of nitrobenzene and
recycled aniline. In each loop, the measured process variable is compared to the
corresponding setpoint. The obtained deviation results in a corrective action by the PID
controller. For example, in case of the temperature control, the measured value is
transmitted to the temperature controller which, in turn, acts on a valve that regulates the

refrigerating water flowrate of the helical coil to remove the heat produced by the reaction.

In case of the nitrobenzene feed flowrate control, the corresponding setpoint is given
by the production demand. Due to the formation of water during the hydrogenation of the
nitrobenzene, a stream of recycled aniline is fed to the industrial reactor to avoid the
formation of two liquid phases (organic and aqueous). Currently, the homogeneous reaction
mixture is ensured by a constant ratio of recycled aniline to nitrobenzene flowrates. Thus,
the recycled aniline flowrate is configured through ratio control, where the related setpoint
value is given to the recycled aniline flow controller as function of the nitrobenzene flowrate

regime. This procedure, however, has a drawback: it does not ensure a constant hydraulic
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retention time (HRT) in the reaction zone, compromising the reaction conversion.
Considering this issue, the control of the HRT in the industrial reactor is proposed by
determining the setpoint of the recycled aniline flowrate, Gany, sp, based on the following

mass balance:

GANL,SP = Gout,SP - GMNB,SP (4.9)

Here, G,y sp and Gynpsp are the setpoints of the reactor outflow and nitrobenzene feed
flowrate, respectively. In this strategy, it was necessary to determine previously the
minimum value of G, sp that ensures the homogenisation of the liquid phase for a given
operating ranges of nitrobenzene flowrate and of temperature. To achieve this, the total
water content in the reaction vessel was estimated by mass balance and compared to the
expected water/aniline solubility limit. This strategy allows to keep the HRT of the industrial
reactor constant, while the nitrobenzene flowrate is changed according to the production
demand. Note that this strategy has the advantage of contributing to less disturbances to
the overall system, namely on the liquid level of the decanter dyke, as well as on the

pressure of the reactor headspace.

Figure 4.23 shows the control strategy applied to the HRT of the industrial reactor.
Although the feedback control of the nitrobenzene and recycled aniline flowrates are kept
in this configuration, the setpoint of the recycled aniline flowrate, Gany,sp, IS Now based on
the setpoints of the reactor outflow, G,,sp, and of the nitrobenzene feed flowrate, Gyng sp,
specified, respectively, by the process engineer and by the control operator. This contrasts
with the prior practice of applying a constant ratio of recycled aniline flow to nitrobenzene
flow to obtain the value of G,y sp. The mass balance described by Equation 4.9 is now
incorporated into the distributed control system (DCS), where the values of G,,¢sp and of
Gmnp,sp to calculate Gay,sp are set and sent to the feedback flow controller of the recycled

aniline stream.
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Figure 4.23 — Control scheme of the reactor outflow.

Figure 4.24 shows the behaviour of the system before and after the implementation
of the control strategy presented previously. The initial date represented here (day 630)
corresponds to the restart of the industrial plant that followed a cleaning procedure
performed on the internals of the industrial reactor. From days 630 to 680, the industrial
reactor was fed with only F2-based catalyst, noticing that the catalyst concentration had
increased up to 0.05 a.u. Although the catalyst concentration responded favourably towards
the catalyst make-ups performed, the measured values of the nitrobenzene bulk
concentration did not stabilise in the same period. On the other hand, an improvement on
the reaction conversion was verified after day 680, with the implementation of the HRT
control of the industrial reactor; in this case, the value of 0.50 a.u. to the reactor outflow,
Goutsp, Was established as the minimal value that ensures the homogenisation of the
reaction mixture. As expected, HRT control provides a constant reactor outflow, irrespective
of the modifications performed on the regime of the nitrobenzene flow, through a proper

manipulation of the recycled aniline flowrate.

The stabilisation of the nitrobenzene concentration values also justified the absence
of further catalyst make-ups 10 days after the HRT control was implemented. Note that this
catalyst addition policy maintained the same blend composition (F2), providing a further

increase of the catalyst concentration up to 0.10 a.u., which was held constant from days
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690 to 730. This behaviour of the catalyst concentration coincided with the steadiness of
the overall heat transfer coefficient at around 0.40 a.u., suggesting that the deposition of
catalyst in the internals of the reactor was not likely promoted.
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Figure 4.24 — Behaviour of the system before and after the control of the hydraulic retention time of
the industrial reactor ( — system outflow, X nitrobenzene bulk concentration, ® heat transfer

coefficient (bundle tubes), -+ cumulative of fresh catalyst addition, and @ catalyst concentration).

Since the implementation of the HRT control strategy and the stabilisation of the

catalyst concentration occurred simultaneously, it is not possible to conclude which of these
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actions provided a greater impact on the improvement of the reaction conversion.
Nevertheless, it should be noted that the stabilisation of the process operation here
evidenced is crucial for the development of the statistical control of the industrial reactor by
promoting better data acquisition conditions to upgrade the statistical control limits. This
way, the detection of assighable causes affecting the model predictability can be improved.

Once the possibility of controlling the hydraulic retention time in the industrial reactor
is confirmed, the process model developed also becomes useful in the future in optimising
this variable towards the new operating conditions that maximises the productivity in the
reaction vessel. By combining this with the preventive maintenance ensured by statistical

control, process supervision should be promoted in the industrial routine.

Next, a procedure for process monitoring and control is advanced. This highlights
several recommendations to apply to the industrial practice, based on the major findings

obtained in the present investigation concerning the process understanding.

4.6 Procedure for integrating process monitoring and control

In this investigation several improvements on the operation of liquid-phase

hydrogenation units were provided including:
¢ the highlight of catalyst concentration as a key process variable

¢ the highlight of planning of shutdown periods in the industrial reactor based

on the evaluation of the overall heat coefficient.

¢ the manipulation of the blend composition of fresh catalyst in the industrial

unit to promote a better control of the catalyst concentration

¢ the establishment of a control chart for process monitoring based on the
process model developed. This way, a predictive tool is provided, allowing a

better detection of disturbances affecting the reactor operation

e the control of the hydraulic retention time of the industrial reactor to improve

the steadiness of the operation, and, in turn, the nitrobenzene conversion
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Given the advances regarding the improvement of the industrial unit, a procedure
for the industrial practice is proposed, combining both process monitoring and control (see
Figure 2.25).

In this procedure, the process model has an important role, receiving the
process/quality data, from which the deviation between the predicted and measured values
of nitrobenzene bulk concentration is determined and, in turn, compiled into the monitoring
control chart; here, an evaluation of the model predictability is performed. Once the
statistical control of the process is confirmed, the predicted nitrobenzene bulk concentration
should be compared to the corresponding recommended value — if predicted value is below
the recommended value, no corrective measures are needed, considering the operating

conditions applied.

If the nitrobenzene bulk concentration value surpasses the recommended value, the
reactor outflow applied should be compared to the minimum value defined (0.50 a.u.) in the
HRT control strategy applied. If the reactor outflow is above 0.50 a.u., this means that the

hydraulic retention time can be increased to improve the nitrobenzene conversion.

The corrective measure of reducing the reactor outflow is also advised when the
reactor is not under statistical control. In this case, it is assumed that the mass transfer of
nitrobenzene may no longer support the current HRT used in the industrial reactor.
Therefore, instead of performing a catalyst make-up immediately, the HRT can be first
increased by reducing the setpoint of the reactor outflow. According to previous studies
[111] [112], catalyst selectivity towards aniline is promoted with the catalyst lifetime. By
doing this, unnecessary catalyst make-ups can be avoided, reducing not only the raw-
material costs, but also the processing costs related to the content of secondary compounds

that need to be separated from the reaction mixture.

If the reactor outflow cannot be longer reduced, the catalyst concentration should
be checked by comparing the measured value with the recommended catalyst
concentration based on the sensitivity analysis of the process model. If the measured
catalyst concentration is above the minimum value recommended, a new catalyst make-up
is advised to ensure the maintenance of the catalyst specific area for mass transfer. On the
other hand, if the catalyst concentration is too low, the overall heat transfer coefficient
should be first verified. This step should be supported with a new control chart, where the
statistical control limits of the overall heat transfer coefficient should be defined in advance.

If this variable is under statistical control, a new catalyst make-up should be also performed,
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with the purpose of increasing the catalyst specific area and, in turn, the mass transfer of
nitrobenzene catalyst to the catalyst surface. If the overall heat transfer coefficient is not
under statistical control, catalyst deposition is pointed as significant. Under these conditions,
the planning of the shutdown of the industrial unit for cleaning and removal of the catalyst
deposits in the internals of the equipment is recommended.
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Figure 4.25 — Procedure for process monitoring and control.
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5.Conclusions and Future Work

During this research, significant developments were provided regarding the process
understanding of the industrial hydrogenators used for aniline manufacturing at Bondalti
Chemicals. This was accomplished by combining the scientific insights attained in previous
laboratorial studies with the industrial knowledge shared in-field during the timeline of this

project. Overall, the obtained outcomes include:

o the correlation of the industrial reaction rate based on process data
gathered under specific features of the catalyst management. This
mathematical procedure can be updated towards new sample data sets to

improve the continuous improvement of the catalyst utilisation.

e a mechanistic model of the industrial reactor able to predict the reaction

conversion under a given operating window.

o the highlight of catalyst concentration as a key process variable for process

monitoring.

e the improvement of the laboratorial method to determine the catalyst

concentration in the Laboratory of Quality Control

o the stabilisation of the catalyst concentration in the reaction unit by
improving the blend composition of the fresh catalyst used in the productive
process. This was accomplished by performing several characterisation

analyses on fresh and used catalyst samples.

¢ adetailed monitoring tool for the industrial operation based on the process

model developed

e the stabilisation of the reaction conversion through the control of the

hydraulic retention time of the industrial reactor.
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Regarding the modelling of the industrial reactor, a mechanistic approach was
adopted to predict the related physico-chemical properties, mass transfer coefficients and
hydrodynamic parameters. To obtain a reliable prediction of the reaction rate, different
kinetic studies developed at the laboratorial scale of liquid-phase nitrobenzene
hydrogenation were first evaluated. By comparing these studies under the comparable
ranges of temperature and of nitrobenzene liquid concentrations, it was possible to confirm
that mass transfer of nitrobenzene limits the reaction rate. Because of this, the same was
also pointed at the industrial scale. To confirm this, the predicted values of the liquid-solid
mass transfer coefficient of nitrobenzene at the laboratorial and industrial scales were
compared, together with the estimated value correlated with industrial data, while
considering the specific area measured in catalyst sample withdrawn from the system. A
reasonable similarity between the predicted and estimated values of the liquid-solid mass
transfer coefficient of nitrobenzene, corroborating the significance of mass transfer
limitations in the present industrial unit. By these means, the system productivity should
involve the enhancement of the physical properties of the catalyst (e.g., particle size
distribution and density) to potentiate the mass transfer of the limiting reactant. To
accomplish this, the steadiness of the catalyst suspension is essential to ensure the specific
area of the catalyst for mass transfer.

From an industrial standpoint, the measurement of the nitrobenzene bulk
concentration in the reactor outlet stream represents a key indicator of the reaction
performance. Given this, the model validation was carried comparing the predicted and
measured values of the nitrobenzene bulk concentration verified during an extensive
observation period. It was possible to observe that the model could readily predict the
reaction conversion when a high and stabilised catalyst concentrations are observed,
alongside with moderate addition of fresh catalyst and constant blend composition. In
contrast, a higher mismatch between the predicted and measured values of nitrobenzene
bulk concentration is obtained when significant modifications to the catalyst utilisation are

performed.

Due to the importance of the catalyst utilisation on the overall performance, a
characterisation study of the catalytic material was performed to describe the physico-
chemical alterations during its lifetime in the industrial unit. In general, the suspended
catalyst particles in the reaction vessel exhibit a greater nickel fraction when compared to
the fresh catalysts. In contrast, the catalyst fines in the decanter outlet stream presented a

smaller nickel content, in comparison with the suspended catalyst in the reaction vessel.
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Thus, the nickel enrichment of the catalyst particles inside the reactor appears to be

promoted with time.

During this investigation, samples of solid deposits found the internals of the
industrial reactor were collected during a maintenance procedure. By characterising this
material, a higher nickel content (especially in the crystalline form), lesser fraction of silicon
and no traces of aluminium (attributed to the catalyst support formulation) were detected, in
comparison with the remaining samples of fresh and used catalysts studied. The
inexistence of aluminium on the solid deposits indicates that this material was subjected to
a greater attrition than the suspended catalyst in the reaction vessel. The predominance of
crystalline nickel on the solid deposits led to assume that its deposition/accumulation could
be derived from a magnetic property. Therefore, several magnetic measurements were
performed, confirming that this material presents a greater resistance towards
demagnetisation (coercivity), in comparison with the suspended catalyst and the fresh
catalysts. The coercivity of the deposited material was found to be above the critical point
from which a given material is described as a permanent magnet. Therefore, it is plausible
that the gaining coercivity in the catalyst with time may ultimately promote its deposition and
accumulation in the reactor, and thereby inhibiting the accessibility of the reaction mixture
to the active sites.

The detection of the solid deposits was followed by specific period of observation,
where the catalyst concentration had decreased significantly, irrespective of the addition of
fresh catalyst. During the same timeframe, the nitrobenzene conversion did not stabilise,
while a performance decay of the heat exchanging devices was also observed. This
sequence of events suggests that the accumulation of catalyst can promote serious
implications in the reaction vessel. By assessing the catalyst management policy applied
during the given period, only catalyst F1 was applied to the system. For that reason,
additional magnetic measurements were performed on several batches of fresh catalyst,
where the most recent batches of F1 showed a greater coercivity, in comparison with the
old batches utilised in the process. On the other hand, the coercivity of F2 batches utilised
by the company remained low and unaltered in the same timeframe. This result suggests
that the operating conditions employed during the preparation of F1 were recently altered
by the manufacturer, despite F1 and F2 catalysts agreeing with the technical specifications

required by the company.
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After the abovementioned period, the industrial reactor was shut down and the
corresponding internals were properly cleaned, including the removal of the solid deposits.
Given the lower coercivity of F2, in comparison with F1, only the F2 was added to the system
thereinafter. It was possible to observe that the catalyst concentration values increased
progressively and remained stabilised afterwards.

Since the catalyst utilisation can affect the model predictability, a statistical control
of the industrial reactor was developed based on the model developed. Here, the statistical
tolerance was defined based on the validated data. By doing this, the process diagnosis
and preventive maintenance of the catalyst utilisation are enhanced. This solution provides
a way of reducing the catalyst consumption, together with of the maintenance costs related

to the system shutdowns caused by the catalyst deposition in the internals of the equipment.

In addition, the steadiness of the reaction conversion was also regarded by
improving the regulatory control system. The strategy applied involved the control of the
hydraulic retention time through a proper manipulation of the feed flowrate of recycled
aniline. This was accomplished by defining the set-point of the aniline flowrate based on a
mass balance between the set point values of the reactor outflow and of the nitrobenzene
flowrate. After applying this strategy, the reduction and steadiness of the nitrobenzene bulk
concentration is confirmed, which justified the decrease of fresh catalyst make-ups. It
should be noted that this control solution was combined with an improved blend composition
of the fresh catalyst. By ensuring the steadiness of the reaction conversion, the continuous
improvement of the industrial unit is provided by promoting better conditions to gather new

sample data sets to upgrade the process monitoring charts.

Finally, a procedure for process monitoring and control was proposed which
combined the set of improvements advanced in the present work. This procedure involves
the use of the statistical control chart based on the process model, together with a set of
corrective measures to keep the model predictability under the defined tolerance. In case
of in-control scenario, these corrective measures are only advised if the predicted
nitrobenzene concentration remains above the recommended value. Under these
conditions, the hydraulic retention time (HRT) can be readjusted to prevent unnecessary
catalyst make-ups. This measure is also advised when an out-control state of the former
control chart is verified. If the HRT control solution cannot ensure the reduction of the
nitrobenzene concentration, nor an adequate prediction of the same variable by the process

model, the catalyst state needs to be revised. If the measured catalyst concentration agrees
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with the desired range provided by the sensitivity analysis of the model developed, a catalyst
make-up is advised to ensure the mass transfer of nitrobenzene. If the catalyst
concentration is below the desired range, the performance of the heat exchanging devices
should be evaluated. This assessment can be provided with a new control chart to confirm
whether catalyst deposition is or not likely occurring. If the heat exchanging devices reveal
a good performance, catalyst make-ups should be performed to enhance the mass transfer
of nitrobenzene. On the other hand, if a significant reduction of the heat transfer is

confirmed, the shutdown of the industrial unit should be timetabled for cleaning procedures.

As future work, the collection and analysis of wider sample data sets from the
process operation is recommended. This information should support the robustness of the
model predictions, including not only the main reaction, but also the formation of secondary
compounds. To accomplish this, each sample data set should be gathered under defined
features of the catalyst utilisation in the productive process, namely the rate addition and
blend composition of fresh catalyst. By doing this, the process monitoring charts can be
further improved by defining refined statistical tolerances to specific features of the catalyst
utilisation policy. This continuous improvement can be extended to the other reactors
currently used in the industrial aniline manufacturing process of Bondalti to provide an

optimised network of the reaction stage.

Furthermore, the dynamic behaviour of the process variables should be also
considered in the same modelling studies. This way, advanced control strategies can be
developed to optimise the set-points of the process variables (i.e. model predictive control).
This way, an improved upper layer for process supervision can be provided to manage the

regulatory control system already installed.
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Appendix A

A.1 Prediction of physical properties

The expressions for predicting the physical properties of each phase (gas, liquid,
and solid) involved in the reaction mixture are here presented.

Gas phase

Hydrogen solubility [115] :

Su, = 0.0997 x 10~ 3e(-612/T) [mol m=3Pa~1] Al

Henry constant [152] :

He = 1/(SH2RT) [dimensionless] A2

Hydrogen concentration [153] :

P _
Ch, 6 = H2/RT [mol m~3] A3

Vapour pressure of each component :

C2
Py = Exp [c1 + =+ C3 Log[T] + C4 T [Pa] A4
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Table A.5 — Antoine coefficients of the liquid components.

Aniline Nitrobenzene Water
Cl 2.9128x10? 7.3649x10* 9.0445x10*
c2 -1.6504x10" -7.2582x10° -9.7448x10°
C3 -4.2763x10" -7.3037 -9.5228
C4 3.9918x10? 4.1653x10° 7.5659x10%
c5 1.0000 2.0000 6.0000
Equation A4 A4 A4
Reference [154] [154] [154]
Liquid phase
e Density

The density of each component [155] is calculated by equations A.5 and A.6. In
Table A.2 the coefficients of each component are presented. The density of the reaction
mixture is determined through the equation A.7, that only assumes the patrticipation of

aniline and water.

Table A.2 - Coefficients for the prediction of density of pure compounds.

Water Aniline Nitrobenzene
C1 3.5000x10™ 1.0401 7.2599x10™"
C2 6.6667x10" 2.8056x10™ 2.4731x10™
C3 1.0000 6.9900x10° 7.1900%x10°
C4 1.3334 2.9280x10™ 2.857x10*"
Equation A5 A.6 A.6
Reference [155] [154] [154]

pi = (17.863 + 58.606 ! — 95.393 T2 + 213.89 13 — 141.26 ) MW,
T [kgm™3] A5

pi = (C1/C2lH+A=T/C0%T) Mw; [kem=3] A6
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PL =on— kg m~3 A7
L Z‘in,=1 Di [ g ]
where n is the number of compounds.
e Viscosity
The viscosity of each component is given by equation A.8.
Cc2
Wiy, = Exp|C1l + -+ C3InT+C4 T [Pas] A.8

The corresponding coefficients are in Table A.3. The viscosity of the mixture is
determined by equation A.9.

u = Exp[Xant,In(pantL) + Xm,0, I0(pi,0,) + 0.766 XantL Xu,o.1 | [Pas] A9

where xani,, @and xy,o,, are, respectively, the molar fractions of aniline and water in the

liquid phase.
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Table A.3 - Coefficients for prediction of viscosity of pure compounds.

Aniline Water
C1 -9.8301x10* -5.2843x10"
c2 6.5244x10° 3.7036x10°
C3 1.2439x10" 5.8660
c4 0.0000 -5.8790x10%°
c5 0.0000 1.0000x10"
Equation A7 A7
Reference [155] [155]

¢ Diffusion coefficient assuming binary mixture of component A dissolved in a solvent B
[156]

74 %1072 [@MWg T .
D T [m? s~1] A.10
1000 pg;, (1000 Vi 2)

where ; is an association factor of solvent B (dimensionless), MWy is the molecular weight
of solvent B expressed in [g mol?], Vy, 4 is the molar volume of component A expressed in

[m3 kmol?]. The latter parameters are represented in Table A.4.

Table A.4 — Physical parameters for prediction of diffusion coefficients [156].

Aniline Water Nitrobenzene Hydrogen
©; 1.0 2.6 1.0 1.0

Vin,a [M3 kmol?] 9.1603x10°  1.8067x107 1.0272x10* 2.8604x10°

¢ Diffusion of component A in a multicomponent liquid mixture [157]

10~* (1000 py )08

Yzt [Xj (DA]' X 104)(1000 uj)O.S] [m?s~1] A.l1
j=A

DA,m =
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Appendix B

To determine representative values of the concentration of the suspended catalyst
in the hydrogenation reactors, this present work addressed the procedures of sampling and

distinct laboratorial methods to determine this variable. This assessment is presented next.

B.1 Evaluation of sample collection procedure

The sample collecting in hydrogenation units of Bondalti is typically performed in the
outlet stream of the reactor (letter Y in Figure B.1). According to the standard instruction,
the purge of the sampling site before the collection of the sample is not considered.
However, the existence of residual deposits inside the sampling gear may affect the
measurement of the catalyst concentration. The effect of sample purging on the
determination of catalyst concentration was evaluated by collecting samples consecutively
at sampling point Y and then determining its concentration of catalyst through filtration. This

evaluation procedure was performed in four reactors (I, Il, lll, and V).

Fresh catalyst Ir
Hydrogen

Reservoir

: *
}{ Purification
' ‘ step

N
7
&
7
7
5
7
7]

Recirculation
valve

><

Recycled product
circuit

Figure B.1 — Representative scheme of the reactor-decanter system.
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To evaluate the variability of results, three series of five consecutive samples per
reactor were collected in the corresponding outlet stream. Noted that in each reactor, each
series of samples was collected at separate days thus guaranteeing each series was
statistically independent from the remaining ones. The values of the catalyst concentration
obtained in the samples withdrawn from the different reactors studied are shown in Figure
B.2. It is observed that the catalyst concentration is inferior to the second sample, when
compared with the first sample collected in each series. In addition, it is observed that the

catalyst concentration tends to stabilise from the third sample.
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Figure B.2. — Purge test results: Catalyst concentration measured in the purge tests of the

reactors I, 11, Ill, and V.

The effect of sample purging on the catalyst concentration values was quantified by
calculating the reduction between the average catalyst concentration in the last three
samples of each series and the corresponding value obtained in the first sample collected
(see Figure B.3) It is possible to observe that the reduction of catalyst concentration was
more significant in the reactors I, Il and V, in contrast with the reactor Ill. The average
catalyst concentration decreased between 8% and 32%, when compared to the first sample
collected. It is verified that the reactor Il presented the greatest variability of results, among

the reactors assessed.

These results indicate the importance of collecting two consecutive samples per
sampler before collecting a more representative sample of the process, in terms of catalyst

concentration. Hence, only the third sample collected should be considered for that
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purpose. Another possibility consists in eliminating the stagnant volumes presented in the
pipping connections of the sampling site.

50

32 32

29 30
30 T 29 27

23
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201 18
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10 t 8

0 I

reactor | reactor Il reactor Il reactor V

Reduction of catalyst concentration

Figure B.3 — Reduction of catalyst concentration observed, in comparison with the first sample

collected at each reactor.

B.2 Analytical techniques for evaluating catalyst concentration

Different laboratorial techniques for determining catalyst concentration were
evaluated by quantifying the error of measuring a known mass of used catalyst, previously
dried. Several aqueous suspensions were prepared with 59, 10g and 20g of catalyst,
corresponding to a catalyst concentration between range 0.05 and 0.34 a.u. This range
agrees with the typical values of catalyst concentration observed in the industrial reactor.
For each tested mass, it was performed 3 trials in each analytical technique, with the
purpose of evaluating the variability of the results. The tested analytical techniques were (1)

decantation/centrifugation, (2) decantation, and (3) filtration under vacuum.

B.2.1 Decantation/Centrifugation

In this procedure, the sample is maintained in a proper flask to promote decantation
for three hours. Afterwards, the supernatant is removed and the remaining volume
centrifugated and transferred to a volumetric flask. The volumetric flask is then made up to
the mark with water and weighted (W,). The mass of the same flask only with water (W5) is

also registered. The mass of catalyst (Mca) is calculated through the following expression:

Monitoring and improvement of a multi-phase reaction system 222



Mcar = 1:c X (WI - WZ) (Bl)

where f. is a corrective factor which is directly related to the real density of the catalyst (pcat),

and the density of the aqueous phase of the mixture (piq) as follows:

fc _ Pcat

= B.2
Pcat — Pliq ( )

B.2.2 Decantation

Since the latter analytical technique was still time-consuming, an alternative solution
was developed by eliminating the centrifugation step. In this case, the sample is directly
analysed in the sample flask.

Firstly, the collected sample is kept for three hours to be decantated being weighted
afterwards (W3). The supernatant is then removed, and the flask is made up with water until
is filled and weighted once more. The masses of the empty flask (W,) and filled with water

are also registered. The mass of catalyst is also calculated through equation B.1.

The concentration of catalyst (C.,;) is calculated considering the mass of catalyst

(Mcat), together with the volume occupied by the solid (Mcat/pcat) and liquid fractions

My; . . . .
( liq an) of the sample. The corresponding calculation formula is described as

Mliq =W; — M =W

Meat (B.3)

M Mj;
Cat/pcat + llq/pliq

Ceat =

B.2.3 Filtration

Alternatively, the concentration of solids can be determined through filtration. In this

case, the volume of the sample is determined in a measuring cylinder (V) and it a filtration
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membrane (properly dried) is also weighted (Ma). Then, a sample is filtrated using a vacuum
filtration equipment. The filtration membrane with the retained solids is stored afterwards in
a drying chamber at 35°C for 4h. Finally, the filtration membrane is once again weighted,
and its mass recorded (Mg). Therefore, the concentration of catalyst is calculated through
the following expression:

Mg — My

v (B.4)

Ccat =

B.2.4 Assessment of techniques for determining catalyst concentration

The error related to each known mass of catalyst and for each analytical technique
is represented in Figure B.4. The corresponding mean value and deviation for each

technique are outlined in Table B.1.
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Figure B.4 — Errors obtained from different analytical techniques by using a known mass of catalyst.

Table B.1 - Mean and absolute deviation obtained in the evaluation tests of the analytical techniques

for determining catalyst concentration.

Mean value = deviation [g]
Expected value (g) 5 10 20
Decantation + Centrifugation 497 +0.16 10.46 £ 0.45 19.96 +£ 0.39
Decantation 6.48 £ 2.02 9.94 + 0.56 21.13+2.42
Filtration 491 +0.02 10.09 £ 0.02 19.77+£0.21
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In general, a decreasing error for higher concentrations of catalyst is observed,
except for filtration that showed similar results in all tests. Decantation presented the highest
error and dispersion of results among the analytical techniques studied. Despite
decantation/centrifugation and filtration techniques showed similar errors, the latter
exhibited higher precision, thereby justifying its utilisation in this investigation. Nonetheless,

note that filtration presents greater time of execution due to the drying step.

Attending to the decantation procedure, the possible causes behind the significant
errors obtained and the variability of the results were assessed. One remarks that that the
volumetric measurement directly through the sample flask might be inaccurate, which, in
turn, could hinder the calculation of the mass of catalyst. For this reason, an improvement
of the latter technique was attempted, with the proviso that the simplicity and promptness
of the overall procedure should not be compromised. Therefore, the use of a conical piece
screwed on the top of the sample flask was suggested (see Figure B.5). This solution is
commonly applied to determine the density of multiphasic mixtures, which is referred to as

pycnometer bottle [94].

A — Sample flask
B — Adapting screw
C — Conical piece

Figure B.5 — Pycnometer bottle prototype for determining catalyst concentration.

The pycnometer bottle-concept was then tested with the same mass of catalyst as
in the latter techniques tested. Figure B.6 and Table B.2 provide a comparison between the
conventional and improved (pycnometer) decantation techniques. It is clearly verified that
the error and the precision of results were upgraded. Hence, this solution is recommended,

as it does not affect the time of execution, nor the procedure applied.
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Figure B.6 — Errors obtained in the decantation and pycnometer bottle methods.

Table B.2 — Mean and absolute deviation obtained in the evaluation tests of decantation and

pycnometer bottle methods for determining catalyst concentration.

Mean value + deviation

Expected value [g]

Decantation

Pycnometer bottle

5 10
6.48 £ 2.05 9.94+0.81
492 +0.19 10.11 0.50

20

2113 +2.38

19.03+0.52
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